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DISCLAIMER 
 
This report was prepared as an account of work sponsored by an agency of the United 
States Government.  Neither the United States Government nor any agency thereof, nor 
any of their employees, makes any warranty, express or implied, or assumes any legal 
liability or responsibility for the accuracy, completeness, or usefulness of any 
information, apparatus, product, or process disclosed, or represents that its use would not 
infringe privately owned rights.  Reference herein to any specific commercial product, 
process, or service by trade name, trademark, manufacturer, or otherwise does not 
necessarily constitute or imply its endorsement, recommendation, or favoring by the 
United States Government or any agency thereof.  The views and opinions of authors 
expressed herein do not necessarily state or reflect those of the United States Government 
or any agency thereof. 
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ABSTRACT 
 
Hydrogen can be produced from many feed stocks including coal. The objectives of this 
project were to establish and prove a hydrogen production pathway from coal-derived 
methanol for PEM fuel cell applications.  These objectives have been met. 
 
This report is the final technical report submitted to the DOE reporting on the status and 
progress made during the course of the project.  This report covers the time period of Oct 
1, 2003 to Sept 30, 2006.  Much progress was made expanding the knowledge base in 
this field.  These specific project areas were: 
 
1. External and internal evaluation of coal based methanol and a fuel cell grade 
baseline fuel, 
2. Design set up and testing of laboratory scale steam reformers. 
3. Design, set up and testing of a laboratory scale autothermal reactor,  
4. Hydrogen generation from coal-derived methanol using steam reformation. 
5. Hydrogen generation from coal derived methanol using autothermal reformation. 
6. Experiments to determine the axial and radial thermal profiles of the steam 
reformers, 
7. Catalyst degradation studies with steam reformation and autothermal reformation 
using coal based methanol, 
8. Experimental investigations of heat and mass transfer enhancement methods by 
active and passive flow field manipulation. 
9. Steam reformer transient response, 
10. Experiments to determine the effect of catalyst dimension on steam reforming, 
11. Transient characteristics of autothermal reforming, 
12. Development and integration of a reformate purification and hydrogen storage 
system,  
13. Fuel cell system integration. 
14. PEM Fuel cell system operation with coal-derived methanol feedstocks 
 
Data collected proves that coal-derived methanol can be integrated into hydrogen PEM 
fuel cell systems.  Care should be taken to ensure that catalyst degradation in the 
hydrogen generation step is monitored as coal-derived methanol can accelerate such 
degradation under certain circumstances.  Degradation in low temperature steam 
reformation increases with coal-derived methanol yet is insignificant in comparison to the 
effect of heat transfer limitations and the degradation rates incurred thereby.  
Autothermal degradation with coal-derived methanol was not evidenced in the data 
collected and seems to be a better method for hydrogen generation under certain criteria.  
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EXECUTIVE SUMMARY 
 
Hydrogen can be produced from many feed stocks including coal. The objectives of this 
project were to establish and prove a hydrogen production pathway from coal-derived 
methanol for PEM fuel cell applications.  These objectives have been met. 
 
This report is the final technical report submitted to the DOE reporting on the status and 
progress made during the course of the project.  This report covers the time period of Oct 
1, 2003 to Sept 30, 2006.  Much progress was made expanding the knowledge base in 
this field.  These specific project areas were:  
 
1. External and internal evaluation of coal based methanol and a fuel cell grade 
baseline fuel, 
2. Design set up and testing of laboratory scale steam reformers. 
3. Design, set up and testing of a laboratory scale autothermal reactor,  
4. Hydrogen generation from coal-derived methanol using steam reformation. 
5. Hydrogen generation from coal derived methanol using autothermal reformation. 
6. Experiments to determine the axial and radial thermal profiles of the steam 
reformers, 
7. Catalyst degradation studies with steam reformation and autothermal reformation 
using coal based methanol, 
8. Experimental investigations of heat and mass transfer enhancement methods by 
flow field manipulation. 
9. Steam reformer transient response, 
10. Studies to determine the effect of catalyst dimension on steam reforming, 
11. Transient characteristics of autothermal reforming, 
12. Development and integration of a reformate purification system,  
13. Fuel cell system integration, 
14. PEM Fuel cell system operation with coal-derived methanol. 
 
Internal and external evaluations of coal-derived and fuel cell grade methanol are 
complete.  The two methanols are quite similar in sulfur, and chloride levels with a small 
but significant difference in trace level higher hydrocarbons.  The coal based methanol 
has approximately 3 times the amount of petroleum hydrocarbons than the fuel cell grade 
methanol. 
 
Construction of three (3) steam reformers has taken place.  Each reformer has a different 
geometry in order to test the geometric dependencies of reformation.  Studies showing a 
strong dependence of fuel conversion and catalyst degradation on geometry have taken 
place. These reformer systems also are utilized for the studies of catalyst degradation and 
passive heat transfer enhancement.  The steam reformers have been used to generate 
hydrogen from the coal-derived methanol supplied.  Construction of the autothermal 
reformer (ATR) was also completed and degradation tests were performed.  Start-up, 
operation and shut-down procedures have been tested and validated and data collection 
included a specially designed proprietary catalyst specifically designed for autothermal 
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reformation.    Parameters of oxygen to carbon ratio have been investigated as well as 
reaction progression in the catalyst.  With methanol the autothermal reaction takes place 
quickly within the first fifteen percent (15%) of the catalyst bed.  This ATR method 
appears very promising for reforming coal-derived methanol. 
 
Due to a careful evaluation of the steam reformer temperature profile it was determined 
that significant sheath conduction from the wall biases the temperature measurements 
close to the reactor wall.  A new thermocouple design utilizing a miniature sheath 
embedded into an external housing with insulating material was tested.  This new 
thermocouple design had more reliable results than the standard design for determining 
an accurate temperature profile. This new thermocouple design was implemented 
throughout the steam reforming reactors and also into the ATR reactor. 
 
Investigations into methods of enhancing the heat transfer characteristics were also 
performed.  Data has been collected showing enhancement of heat transfer and mass 
transfer by bluff bodies.  This data was analyzed to develop an empirical model of the 
enhancement process.  Several packing densities have been evaluated in steady state with 
the bluff bodies.  Results are very encouraging to the research team and show significant 
enhancement of conversion with both coal-derived and fuel cell grade methanol.   
 
In addition to the above projects catalyst degradation projects have been performed with 
both steam and autothermal reformation. The catalyst degradation studies monitored 
conversion and output gas concentrations while operating in steady state. In steam 
reformation with heat transfer minimized by using a specially designed steam reformer 
with an internal heater, the coal–derived methanol showed slight but significantly faster 
catalyst degradation than the fuel cell grade methanol.  The research team has found 
indications that the increased degradation rate is due to the higher levels of trace 
hydrocarbons. The magnitude of the degradation rate is however small especially when 
compared to the degradation rates induced when geometries allowing larger heat transfer 
limitations were evaluated and compared. In autothermal degradation tests the coal-
derived fuel showed no indication of increased degradation over the time periods tested.  
 
A PEM Fuel Cell system has been successfully integrated using a palladium membrane 
clean-up system.  The system was integrated with the steam reformation system. The 
system operated with coal-derived methanol, fuel cell grade methanol and industrial 
hydrogen. Polarization curves were monitored using each fuel. No indication of 
performance change was indicated in the tests with regard to the various feedstocks.  The 
palladium clean-up system was also integrated with the ATR system and hydrogen purity 
was evaluated at low pressure operation.   
 
Data generated in this project has been presented in many journal articles and conference 
presentations.   
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EXPERIMENTAL  
 
The following section describes the experimental methods used and developed. 
 
External Evaluation of Methanol  
 
Severn Trent Laboratories – Mobile (STL-Mobile) has performed the 2nd round of the 
external blind analysis comparing the fuel cell grade methanol to the coal-derived 
methanol.  The analysis covered the amounts of total sulfur and chloride.  For the 1st 
round external analysis, chloride and sulfur showed suspicious results.  Chloride in the 
coal–derived methanol showed 100 times greater than in fuel cell grade methanol.  A 2nd 
sample set was sent to STL-Mobile to verify the results, which showed similar levels of 
sulfur and chlorides. 
 
Internal Evaluations of Methanol   
 
Several different techniques were used to analyze the coal-derived methanol and the fuel 
cell grade methanol.  The techniques are introduced below and the results are presented 
in the Results and Discussion section. 
 
Nuclear Magnetic Resonance (NMR) spectroscopy Test  
1ml (0.034oz) samples of coal derived methanol and fuel cell grade methanol were added 
to 5mm (0.197in) Series 300 NMR tubes 17.8cm (7in) in length with 10ml (0.334oz) 
deuterated water (D2O).  Bruker DRX 500 operates at 11.746 Tesla or 500 MHz.  The 
temperature range is from -150 to 180°C (-302 to 356oF) and stability is ± 0.2°C.  Under 
a strong magnetic field, structures of compounds and dynamic information with regard to 
injected samples were achieved by means of analysis of signals acquired by injected 
electromagnetic wave at microsecond.  
 
Liquid Chromatography-Mass Spectrometer (LC-MS) Test 
The samples of coal derived methanol and fuel cell grade methanol were injected into a 
150mM X 2.3 mM C18 column running 0.1% formic acid and acetonitrile at 200 micro 
liters/minute.  Both UV (220nM) and mass spectral data were acquired on a LCQ running 
in the positive mode.  To begin with, spectrograde methanol for setting on the basis 
standard was used for comparing with fuel cell grade methanol and coal-derived 
methanol.  However, mass spectrometry of spectrograde methanol did not show apparent 
results because spectroscopy methanol is less pure than both coal-derived methanol and 
fuel cell grade methanol.  
 
Gas Chromatography-Mass spectrometer (GC-MS) 
The samples of coal derived methanol and fuel cell grade methanol were injected into a 
DB-5MS column which have 0.32mm (0.0126in) I.D., 30 meters (98.4ft) length, and 
0.25µm film thickness manufactured running Helium as the carrier gas at 1mL/min 
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(0.0159 gal/h).  Mass spectral data was acquired.  For each run, a 1ml (0.034oz) sample 
was injected into a Gas chromatograph.  GC-MS tests were carried out 5 times to get rid 
of column bleed and increase the accuracy.  Mass range was from 50 to 550 amu and 
acquiring time was 17minutes.  Initial column temperature was 75oC (167oF) and final 
column temperature increased up to 260oC (500oF). 
 
Steam-Reforming Baseline Study 
 
Data collection with baseline fuel (fuel cell grade) monitoring reactor performance was 
accomplished with the two existing steam reformer set ups.  The flow rate was varied to 
allow multiple space velocities.  Preliminary studies present the large effect that 
geometry and corresponding flow fields can have on the hydrogen production process 
and add fundamental knowledge that will aid the construction and development of 
hydrogen production reactors.  The data presented here establishes the baseline 
performance with fuel cell grade methanol and explains the experimental facilities that 
will be used in reforming coal-derived methanol.  Further investigations into the proper 
parameter for capturing the geometry in steam reformers are planned as are methods of 
enhancing the heat transfer characteristics as outlined in the original proposal. 
 
Experimental Facility 
 
The experimental facility used in this study includes three methanol-steam reformers, and 
an autothermal reformer, all incorporating a scale, pump, vaporizers, superheater, catalyst 
bed housings and a condensing unit, as shown in Figure 1.  The methanol-steam 
reformers are located at the University of California at Davis in the Hydrogen and 
Production and Utilization Laboratory.  
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Figure 1: Simplified drawing of the steam reformer. 
 
The process of reformation begins with a reservoir filled with a specific amount of 
deionized water and methanol, called “premix,” on a mass scale.  Stoichiometry of the 
premix will be discussed in the following section.  The premix was then pumped into a 
three-stage vaporizer, changing the premix from liquid to gas, and bringing it up to a 
desired temperature.  Depending on the experimental procedure, the gaseous species can 
then be routed into an exhaust, or directed through a superheater by utilizing valves 
placed in the system.  The superheater then holds the species at a constant temperature as 
it is routed into the catalyst bed housing.  For the purpose of this study the catalyst bed 
housing was designed to be interchangeable with three other housings of varying 
dimensions.  These catalyst bed housings will be referred to as reactor A, reactor B, 
reactor C, and the autothermal reactor.  After passing through the catalyst bed, the 
gaseous species are then directed into two tubes via a system of valves.  One route was 
for analysis and the other was for exhausting the reactor products.  Both routes lead to the 
condensing unit where the species, now called “reformate,” reduces in temperature.  
Liquid water and un-reacted methanol are separated from the mixture of dry gases by a 
condenser and condensate trap.  The dry gases are then routed to the gas analyzer.  More 
specific details of the methanol-steam reformer are given below. 
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Pumping Subassembly 
The pumping assembly began with a 4 liter (1 gal.) polyethylene carboy reservoir 
containing a liquid at room temperature composed of 1.5:1, water: methanol mixture ratio 
(on a molar basis).  This stoichiometric ratio is verified based on the density and 
temperature of the premix.  This is done with a handheld density meter with a resolution 
of 0.0001 g/cm3.  The reservoir rests upon a scale with a 0.1 gram resolution.  The scale 
had a 9 pin bidirectional RS-232 port, which allows the user to electronically record the 
scale reading during operation.  The premix was then drawn out of the carboy by way of 
a gear pump and driver and enabled the user a resolution of 0.1 ml/min (0.00159gal/h) 
with a premix flow rate range from 2.6 to 85 ml/min (0.0412gal/h to 1.35gal/h).  The 
pump driver was equipped with a frequency output signal, which allowed the user to 
correspond a frequency (or gear pump RPM) to a flow rate.  The user can then 
electronically record the instantaneous flow rate and control the pump with a voltage 
signal during operation.  Calculations for the mass flow rate could be verified by both the 
recorded pump flow rate and by recording the change in mass of the scale divided by the 
time the experiment ran (both were recorded via a computer control program).  
 
Vaporizer Subassembly 
Each vaporizer was made of a 20.3 cm (8 in) stainless-steel pipe (nominal ½” Dia., 
schedule 40).  The energy for vaporization was supplied from 120 V cartridge heaters.  
The first vaporizer contained a 24.1 cm (9.5 in), 525W cartridge heater, while the last two 
stages contained 12.7 cm (5 in), 400W cartridge heaters.  Each vaporizer was monitored 
for temperature by two, stainless-steel-sheathed, ungrounded K-type thermocouples.  The 
superheater housing material was a 30.5 cm (12 in) stainless-steel pipe (nominal ¾” Dia., 
schedule 40).  External heating was applied to the superheater using four nozzle band 
heaters (2.5 cm (1 in) I.D., 5.1 cm (2 in) width), each with a 120 V, 275 W rating.  To 
evenly increase the temperature distribution throughout the superheater, a highly thermal 
conductive aluminum tape was wrapped around the exterior.  Three 0.159 cm (0.0625 in), 
stainless-steel-sheathed, ungrounded K-type thermocouples were strategically adapted to 
the superheater to monitor performance. 
 
Catalyst Bed Housing Subassemblies 
 
Reactor A 
The housing material for reactor A was a 61 cm (24 in) stainless-steel pipe (nominal ¾ in 
Dia., schedule 40), as shown in Figure 2.  External heating was applied to reactor A using 
8 nozzle band heaters (2.5 cm (1 in) I.D., 5.1 cm (2 in) width), each with a 120 V, 275 W 
rating.  In a similar fashion as the superheater, a highly thermal conductive aluminum 
tape was wrapped around the exterior of the pipe to evenly increase the temperature 
distribution throughout the reactor.  An array of seventeen 0.159 cm (0.0625 in) Dia. 
stainless-steel-sheathed, ungrounded K-type thermocouples was used to monitor the 
temperature within the reactor.   
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Figure 2: Schematic of reactor A. 
 
To observe the temperature of the heat bands, eight 0.025 cm (0.010 in) Dia.,  
ungrounded K-type thermocouples were placed between the heat bands and the exterior 
reactor wall.  The reactor pressure was monitored using a 0-103.4 kPa (0-15 PSI) 
pressure gauge and was located at the exit of the reactor (identified as PT in Figure 6).   
 
Reactor B 
Reactor B was constructed with a similar design and purpose as reactor A, but with 
differing dimensions.  The housing material for reactor B was a 25.4 cm (10 in) stainless-
steel pipe (nominal 1 ¼” Dia., schedule 40) and is represented in Figure 3.  To account 
for the change in outer diameter (1.5 cm (0.61 in)) and length (35.6 cm (14 in)) of the 
reactor, only four nozzle band heaters with a larger interior diameter (3.8 cm (1.5 in) I.D., 
3.8 cm (1.5 in) width) were utilized, each with a 120 V, 350 W rating.  Also, fewer 
thermocouples (nine-0.159 cm (0.0625 in) Dia. and four-0.025 cm (0.010 in) Dia.) were 
used to monitor the reactor.   
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Figure 3: Schematic of reactor B. 
 
Reactor C 
Figure 4 shows a schematic of a reactor with an internal cartridge heater, which has been 
labeled Reactor C.  The housing material for reactor was a 12.7 cm (5 in) stainless-steel 
pipe (nominal ¾ in Dia., schedule 40) threaded at both ends.  The bottom cap was 
machined to adapt a 0.635 cm (0.25 in) MNPT fitting on the side as well as on the bottom 
to make gas pathway and place internal cartridge heater inside the reactor.  Two nozzle 
band heaters (2.5 cm (1 in) I.D., 5.1 cm (2 in) width), each with a 120 V, 275 W rating 
were used for external heating.  Furthermore, internal cartridge heater (0.25in Dia. 8 in 
length), with a 120V, 600W rating was also applied to this reactor.  Reactor surface was 
wrapped with aluminum tape with high thermal conductivity to increase heat transfer 
from the nozzle band heaters to the reactor.  Six 0.159 cm (0.0625 in) Dia. stainless-steel-
sheathed, ungrounded K-type thermocouples were applied to monitor temperatures inside 
the reactor at each zone.  In addition, three 0.0508 cm (0.020 in) Dia. ungrounded K-type 
thermocouples were used for controlling reactor exterior surface temperature between the 
nozzle heater band and the exterior wall of the reactor.  Six 0.32 cm (0.125 in) MNPT to 
0.32 cm (0.125 in) pipe fittings were used for holding the six thermocouples.   
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Figure 4: Schematic of reactor C. 
 
Moreover, to block leaks around the thermocouples and to be reusable, graphite ferrules 
were used instead of stainless steel ferrules.  Insulation for the reactors are composed of a 
3” thick calcium silicate material with a temperature tolerance of 649oC (1200oF).  
 
The catalyst used in this study was a pelletized commercial-grade copper-zinc catalyst on 
an alumina substrate.  This catalyst is recommended for an operating temperature range 
of 250-280oC (482-536oF).  The catalyst was cylindrical in shape and had dimensions 
consisting of 0.47 cm (0.187 in)-diameter and 0.25 cm (0.100 in)-thickness, as stated by 
the manufacturer.  The catalyst in its original state is referred to in this study as pelletized 
catalyst.  Other tests conducted with this catalyst after being crushed and sieved to vary 
the dimensions and the exposed surface area.  This catalyst had an average length of 0.25 
cm (0.098 in) and is referred to as crushed catalyst in this study.  Also, Figure 5 displays 
the designated zones for both reactors and the relative position of the corresponding 
packed catalyst.  The packing factor for the pelletized and crushed catalyst remained 
constant at 61.7%.  The average mass of catalyst used for each run, for both pelletized 
and crushed, was 253.7g (0.56 lb) with a standard deviation of 4.9g (0.01 lb).   
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Figure 5: Schematic of zones and catalyst packing lengths for reactors A (left) and B (right). 
 
Condensing Unit Subassembly 
The condensing unit utilized water from an ice bath to lower the gas temperature from 
250oC (482oF) to 0oC (32oF).  The decrease in temperature promotes a phase change, 
causing water, methanol and other relevant species to condense.  To acquire the 
condensate from the reactant species for fuel conversion analysis, the collection container 
can be removed from the unit.  The dry product gas on the analysis side was then routed 
to the gas analyzer, while the exhaust gas was directed to the fume hood. 
 
Percent Conversion of Methanol 
 
Percent conversion (%C) of methanol to a hydrogen-rich gas is presented in Equation 1.  
The methanol input and output are on a mass basis. 
 100%
3
33 ×⎟⎟⎠
⎞
⎜⎜⎝
⎛ −=
input
outputinput
OHCH
OHCHOHCH
C  Equation 1 
For each run, the mass of the water: methanol premix consumed was recorded.  From this 
value, the mass of methanol input (CH3OHinput) could be calculated once the initial mass 
fraction of methanol in the premix was found.  The mass fraction of methanol input was 
known based on the mass of methanol used to create the premix (1.5:1 water: methanol 
 15 
ratio on a molar basis).  This water: methanol ratio was calculated based on the premix 
density at 24oC (75oF).  Percent conversion of methanol was independent of time; 
however, run time did play a role in how much condensate mass was trapped by the 
condensing unit subassembly.  Too short of a run time would yield a small amount of 
condensate mass which would be more susceptible to error in collection and analysis.  
Previous studies suggested a minimum of 35 to 40 grams (0.077 to 0.088lb) of 
condensate be collected for each run to minimize analysis error [1].  Condensate was 
emptied from the trap and weighed on an 1200g (0.1g resolution) scale.  To obtain all 
mass that was left inside the trap, a towel was used to absorb all liquid droplets left 
behind.  Generally for each run, an average of 2.0 grams (0.0044lb) of condensate was 
absorbed by the towel.  Then, using the previous mass of the towel and mass after 
collection the residual droplet mass could be collected.  To prevent interaction between 
the condensate and the atmosphere (i.e. evaporation), a density reading was taken within 
a minute after the condensate mass was collected.  The density was recorded using the 
handheld density meter.  The density meter also incorporated a thermocouple allowing 
the user to correspond temperature with density reading.  Once the density was measured 
at 24oC (75oF), this value was implemented into an empirical calculator that produced the 
mass fraction of methanol within the condensate.  The mass fraction was calculated from 
the density, as shown in Equation 2, and was verified for this study with empirical data.  
Using the methanol mass fraction (YCH3OH) and the mass on condensate allowed for 
calculation of CH3OHoutput, which subsequently was used for calculating percent 
conversion with Equation 1. 
 
    Equation 2 0.43701.82319.3859 23 +⋅−⋅= ρρOHCHY
 
ATR Reactor Design and Construction 
 
The ATR reactor is complete and has been tested using catalyst from an automobile 
catalytic converter as well as proprietary autothermal catalyst.  The reactor includes 12 
ports along the side of the reactor for measuring temperature and/or pressure. 4 different 
end caps were manufactured for versatility in testing (see Figure 6 ).  
 
The catalyst housing is a 3.81cm (1.5in) diameter Schedule 40 pipe of 30cm (12in) in 
length. The 12 thermocouple ports are placed in two rows of 6 on opposite sides of the 
reactor at a spacing of 5.08cm (2in). There is a ¼” NPT fitting on the front of the housing 
that will adapt to a dynamic pressure transducer.  Five 400W mineral insulated, nozzle 
band heaters wrap around the catalyst housing to supply any necessary heat.  
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Figure 6: ATR reactor and 4 different end caps (from left to right: acoustic adapter, 4-thermocouple 
ports, 6-thermocouple ports, regular connection end cap). 
 
The initial air heater for the air supply subsystem was completed. The air heater was 
originally fitted with a 12.7cm (5in), 400W cartridge heater which proved insufficient for 
heating air to 300ºC (572oF). Therefore a 24.1cm (9.5in), 525W cartridge heater was 
installed for better performance.  The air heater pipe was also filled with .49mm (1/8in) 
aluminum rod that was cut into small, ~5mm (1/8in), lengths to aid in heat transfer.  After 
weeks of successful use a severe pressure drop was noticed at the air heater exit.  Upon 
inspection it was discovered that the aluminum particles had melted and clogged the exit.  
An industry designed and tested, air heater has been ordered as a replacement. To meter 
the air supply two mass flow controllers (MFC) have been tested and are operational.  
The low range MFC has a flowrate capacity of 0-1 SLPM, and the high range MFC has a 
flowrate capacity of 0-10 SLPM.  The air clean up and drying unit has been delivered and 
incorporate into the existing compressed air infrastructure in the laboratory.  
 
For the static pressure monitoring of the autothermal reactor, water-cooled pressure 
transducer has been donated to support this research. This water-cooled pressure 
transducer can handle high temperature gas up to 700 ˚C (1292oF) and is able to monitor 
the high temperature steam reformate inside the reactor.  
 
Also, a High-Speed Voltage Output board and a Shielded Connector Block were 
purchased.  This 8 channels analog voltage output board is used to send the commanding 
signals of 2 micro gear pumps, 2 air flow meters, and also the exciting voltage of the 
pressure transducer. It left three extra channels, which allows expanding the whole 
system for further use.  
 
Data has been collected for catalyst bed configurations varying from one, 6.35mm 
(0.25in) length monolithic catalyst section to six, stacked 6.35mm (0.25in) sections for a 
total catalyst bed length of approximately 38.1mm (1.5in).  A single 38.1mm (1.5in) 
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monolithic catalyst was also tested to observe the effects of stacking the 6.35mm (0.25in) 
length catalyst sections.  For each catalyst configuration, the oxygen-to-carbon ratio was 
varied from 0.10 to 0.40 to investigate the effects on conversion and reactor efficiency.  It 
was found that fuel conversion and reactor efficiency have little or no dependence on 
catalyst bed length, at the tested flowrate, while O2/C greatly affects both conversion and 
efficiency. Operating procedures for the ATR reactor are complete. 
 
 
Thermal Profile Experiments 
 
Thermal profile measurements elucidate the limiting factors in reactor design, can be 
used to diagnose catalyst degradation and offer insight into the effectiveness of reactor 
design changes.  Recent work has identified conduction of heat down the axial 
thermocouple sheath as a significant source of error in thermal profile measurements.  
Sheath conduction causes the thermocouple measurements to deviate from the true gas 
temperature when large radial thermal gradients exist.  Large thermal gradients can exist 
in small diameter reformer reactors and these thermal gradients increase with increasing 
flow rate and increasing reaction rate.   
 
Using standard 0.0025mm (1/16in) thermocouple probes the sheath conduction effect 
was measured by traversing the probe tip all the way from the opposite wall of the reactor 
to the near wall of the reactor, see Figure 7.  Differences in the measurements on the far 
side if the reactor and the near side of the reactor are caused by sheath conduction.  On 
the far side of the reactor the true gas temperature is higher than the measured 
temperature due to sheath conduction away from the hot region near the wall towards the 
cooler centerline of the reactor.  On the near side of the reactor the true gas temperature is 
lower than the measured temperature due to sheath conduction from the hot region near 
the wall towards the cooler centerline of the reactor.  Very close to the near wall the true 
gas temperature is most likely higher than the measured temperature  due to sheath 
conduction away from the hot region along the inside wall to the cooler region inside the 
thermocouple port.   
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Figure 7 : Radial Temperature Profile of the full diameter of the reactor.  Differences between the 
near side and far side are partly caused by sheath conduction. 
 
Strategies were developed for reducing the axial conductivity of the thermocouple probes 
including using ceramic sheath materials or using very fine gage thermocouple probes.  
The ceramic sheath materials proved to be too brittle for the traverse technique and were 
deemed impractical.  The use of fine gage thermocouples is complicated by their low 
flexural strength.  Protecting the fine gage thermocouples with a thermally isolated 
support tube is the current iteration in this development process.  The fine gage 
thermocouples are inserted into stainless steel support tubes and the support tube is then 
filled with a thermally insulating ceramic adhesive.  A one half inch section of bare 
thermocouple wire protrudes from the support tube inside the reactor allowing the higher 
surface to cross-sectional area of the smaller probe to greatly reduce the effects of sheath 
conduction.   
 
Catalyst Degradation 
 
Catalyst degradation research was performed to validate the compatibility of coal-derived 
methanol with fuel cell applications.  Copper based catalysts which have been used for 
this experiment can be deactivated by sulfur and chloride poisoning, thermal sintering, 
fouling (i.e. coke formation), and physical damage such as attrition caused by vibration 
and crushing.  Furthermore, different phase reaction (i.e. vapor-solid reaction) might be 
responsible for catalyst degradation [12,13,14,15].  Some researchers suggest formation 
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of formaldehyde as by-product might deactivate copper based catalysts [14].  
Additionally, copper based catalyst without substrates show weakness in thermal 
sintering, fouling and physical damage. However, copper based catalysts with substrates 
and/or sacrificial elements can be resistive to the degradation causes mentioned above.  
For example, Zinc can remove sulfur by means of forming Zinc Sulfide to protect the 
copper catalyst. 
 
External analysis of the coal derived methanol shows lower levels of sulfur, increased 
levels of petroleum hydrocarbons and extremely high chloride levels as compared to fuel 
cell grade methanol (see external methanol analysis section).  The potential of coal based 
methanol as a source of hydrogen is dependant on the effect of these contaminants on the 
steam reformation catalyst.  Catalyst degradation rates for fuel cell grade methanol and 
coal based methanol are being measured using the hysteresis technique.  A comparison of 
the rates of degradation will determine the severity of the effect of the higher contaminant 
levels in the coal based methanol.  In order to prioritize the importance of reducing 
specific kinds of contamination we must understand not only the total amount of catalyst 
degradation but also the type of degradation that is occurring categorized as poisoning, 
fouling and sintering.  As discussed above poisoning of copper based catalysts can be 
caused by chloride and sulfur containing compounds.  Fouling can be caused by 
condensation of low volatility hydrocarbons or by solid carbon deposition on catalyst 
surfaces.  Sintering can be caused by hot spots and temperature gradients in the reactor.  
The catalyst degradation project aims to characterize the catalyst materials in order to 
develop a means of identifying the dominant type of degradation when using coal derived 
methanol.  The first stage of the project has been to identify analytical techniques and 
tools to characterize the catalysts.  The following list of techniques have been identified 
as potential candidates and are available on the UC Davis campus. 
 
Analysis Techniques: 
• SEM: Scanning Electron Microscopy to measure surface changes  
• SEM/EDS: Electron Dispersive Spectroscopy to identify atomic species on the 
surface 
• XRD: X-Ray Diffraction to identify solid solution alloy formation and to measure 
particle growth caused by sintering 
• BET: to measure surface area which could be affected by sintering or fouling of 
the catalyst 
• XPS: X-Ray Photoelectron Spectroscopy to identify and quantify the 
concentration of catalyst poisons in trace quantities on the catalyst surface 
• Mercury Porosymetry: to measure pore volume and pore size distribution   
• Light Microscopy:  characterize surface 
 
Temperature gradient (See Figure 8) inside the reactor can be caused by heat and mass 
transfer limitation as well as difference of response time due to power demand during the 
process of producing hydrogen throughout the reactor.  However, either catalyst 
degradation or secondary reaction inside the reactor might be stirred up by temperature 
gradient inside the reactor.  Figure 8 shows heat flow and expected resulting reactor 
temperatures in a steam reformer.  
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Figure 8: Heat flow and expected resulting reactor temperatures in a steam reformer. 
 
Temperature gradient inside the reactor could be minimized by means of another heat 
source from the center of reactor.  On the other hand, reactor volume could be smaller 
than the other reactors due to internal cartridge heater so that secondary reaction pathway 
(i.e. unexpected by-product), which could happen due to temperature gradient inside the 
reactor, should be reduced.  Both preconditions could be sufficient for evaluation of 
different types of fuels in terms of catalyst degradation and fuel efficiency.  
Consequently, an internal cartridge heater in the center of the reactor can meet the 
requirements to evaluate fuel quality as well as investigate catalyst degradation to 
compare coal-derived methanol with chemical grade methanol.  
 
Catalyst degradation tests have been performed for both coal-derived methanol as well as 
chemical grade methanol for 70 hour durations each using reactor C.  39g (0.086lb) of 
crushed catalyst for each experiment was loaded inside reactor C, and three degradation 
tests for both grades of methanol were performed in order to shrink the uncertainty of the 
degradation results.  Each experiment was performed using the same measurement time 
intervals (data points), same temperature set-point, same reduction time (3 hours), and 
same space velocity to minimize the hidden variables in the measurement of degradation.  
Those conditions should be kept not only to reduce the variable of degradation but also to 
evaluate only fuel quality itself.  
 
Catalyst degradation was not expected during the first 24 hours, so an initial data point 
interval was selected to be 3 hour increments for this period.  After 24 hours, the data 
point interval was decreased to every 2 hours, which is the smallest time interval for the 
degradation test.  Furthermore, after 24 hours, greater catalyst degradation is expected, so 
it is desired to minimize the amount of data points representing the first 24 hours. 
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Table 1: Temperature Set-Point Matrix for Reactor C. 
Location Temperature Set-Point dT/dt(℃/s)   Location 
Max Time 
On(%) 
Vaporizer 1Surface 220 5  Vaporizer 1 7 
Vaporizer 1Exit 325 20  Vaporizer 2 6 
Vaporizer 2 Surface 290 5  Vaporizer 3 5 
Vaporizer 2 Exit 295 1.9  Superheater 1 7 
Vaporizer 3 Surface 267 5  Superheater 2 7 
Vaporizer 3 Exit 280 1  Superheater 3 7 
Superheater Interior 290 3  Superheater 4 7 
Superheater Exit 255 3  Zone 1 Heat Band 3 
Superheater Surface 270 1  Zone 2 Heat Band 3 
Zone 1 Surface 280 3  Internal Cartridge Heater 1 
Zone 1 Exit Right 275 1     
Zone 2 Surface 280 3     
Zone 2 Exit Right 275 1     
Internal Cartridge Heater 244 1       
 
The temperature set-point should always be identical for every degradation test.  Table 1 
displays the temperature set-point matrix for reactor C, which has been adapted for 
degradation tests.  Moreover, Cu/Zn/Al2O3 catalyst should be reduced by means of a 
hydrogen gas mixture comprised mostly of nitrogen gas for safety.  This takes the 
catalyst from CuO to Cu to make it active with the methanol-water premix gas.  As usual, 
this chemical process is a exothermic reaction. In addition, the process of reduction might 
be time-dependent which means it could be a source of uncertainty for degradation tests.  
If the Cu/Zn/Al2O3 catalyst is not fully reduced, it would be one of the reasons for greater 
degradation of the catalyst.  With regards to reduction time, a 3 hour reduction time was 
chosen because there was no detectible temperature fluctuation after the premix gas flow 
was introduced into the reactor.  If there exits non-reduced copper oxide inside the 
reactor, there would have been a noticeable temperature fluctuation once the methanol 
premix was introduced. Finally, a packing density of 0.101g/cm3 (0.00365lb/in3) and a 
space velocity of 2.5s-1 was selected for the degradation tests.  
 
Conversion of Coal-derived and Chemical Grade Methanol 
This test was performed based on different space velocities during steady-state operation.    
Figure 9 shows percent conversion of both coal-derived and chemical grade methanol 
using reactor A.  The coal-derived methanol shows a slightly higher conversion 
compared to chemical grade methanol based on a different density equation.  This could 
be due to the amount of different hydrocarbon compounds in methanol.  Coal-derived 
methanol has a slightly larger amount of hydrocarbons than does chemical grade 
methanol, which might affect the overall percent conversion of methanol.  Through an 
error analysis based on standard deviation it was seen that the percent conversion of both 
methanols could be same.  
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Figure 9: Conversion of coal-derived and chemical grade methanol. 
 
Steam Reformation Enhancement Methods 
 
In a steam reforming process, heat transfer between reformate species and the heat source 
can affect the performance of the reactor.  Changing the flow pattern and extending the 
residence time of the reformate inside the catalyst bed were expected to improve the heat 
transfer and decrease the temperature gradient inside the reactor.  Placing bluff bodies 
inside the reformate pathways of the two steam-reforming reactors was expected to 
achieve this result. In this study, we designed one bluff body structure composed of a disk 
and a ring to form a single bluff body “package.”  The material of the bluff body is made 
of 316 stainless steel metal plates, which is the same material as the reactor.  Two sizes of 
bluff body structures were made to fit for two reactor dimensions.  [For Reactor A, the 
disk diameter is 1.27cm (0.5in); I.D. of the ring is 1.27cm (0.5in), and its O.D. is 
2.075cm (0.817in).  For Reactor B, the disk diameter is 2.54cm (1.0in); ring: I.D. of the 
ring is 1.905cm (0.75in), and its O.D. is 3.475cm (1.368in)].  The thickness dimensions 
of the two bluff body sizes are both .6096mm (0.024 n).  Pictures of the two sizes of bluff 
body structures are shown in Figure 10 and Figure 11.  A schematic of bluff body 
placement inside reactor B is shown in Figure 12. 
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Figure 10: Bluff body structures for Reactor A. 
 
 
 
Figure 11: Bluff body structures for Reactor B. 
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Figure 12: Cross section of bluff body arrangement inside Reactor B. 
 
Experimental method 
The investigation method for checking these initial data was based on a 23 factorial 
experiment design.  This 23 factorial experiment design gave the ability to analyze the 
effect of the bluff body package density on a steam reforming process combined with 
space velocity and catalyst dimension interactions.  This study used reactor B as a base 
reactor to investigate the effect of bluff bodies, and utilized chemical grade methanol as 
the fuel in steam reforming reaction, initially.  Coal based methanol was also used in a 
subsequent test to investigate the catalyst degradation for a period of running time and 
give a comparison with one using chemical grade methanol.  
 
In this factorial experiment design, three factors including bluff body package density, 
catalyst dimension and flow rate (space velocity) were chosen as three independent 
variables.  Methanol fuel conversion was chosen as the dependent variable and 
statistically investigated to analyze the effects and interactions of the three factors on the 
steam reforming process.  These three factors were set at high and low levels respectively 
to run the factorial experiment and see the effect on methanol fuel conversion.   
 
Table 2 lists the independent variable factors and their corresponding levels in factorial 
experiment.  Table 3 shows the experiment matrix and the run order.  The experiment run 
order was randomly arranged to decrease unknown effects on the experiment results such 
as catalyst degradation.  
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Table 2: Factors and Levels 1. 
Factors (inputs) Low level: (-) High level: (+) 
X1 (Flow rate) 5ml/min (1.0 LHSV-M) 20ml/min (4.0 LHSV-M) 
X2 (Catalyst dimension) Crushed [0.25 cm 
(0.098in)] 
Pelletized [0.47 cm ( 
0.185in)] 
X3 (Package density) 2packs 8 packs 
 
 
Table 3: Experiment Design. 
 Code Value Run Order Degrees of Freedom 
Run (Exp. 
Config.) 
X1  
Flow  
Rate 
X2 
Catalyst 
Dimension
X3  
Package 
Density 
Tot: 24 run V=r-1 
(1) 2P - + - 1 4 6 2 
(2) 8P - + + 21 20 23 2 
(3) 2P + + - 2 3 5 2 
(4) 8P + + + 22 24 19 2 
(5) 2C - - - 18 13 16 2 
(6) 8C - - + 7 10 11 2 
(7) 2C + - - 15 17 14 2 
(8) 8C + - + 12 8 9 2 
 
 
From the factorial experiment results, a conversion model was developed to predict 
conversion using the independent variables as inputs.  To verify the accuracy of the 
model, and investigate more about bluff body package densities’ effects, further data 
points were taken.  These data points included zero packages, four packages and six 
packages with crushed and pelletized catalyst respectively.  A total of ten experiment 
configurations were taken for the entire study.  They are tabulated in Table 4. 
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Table 4: Total experiment configurations . 
Experiment 
Config. 
Flow Rate: 
(ml/min) 
Catalyst 
Dimension: 
(mm) 
Pack 
Number:  (# 
/ 7.5 in.) 
2P 5,10,15,20 Pelletized 2 
4P 5,10,15,20 Pelletized 4 
2C 5,10,15,20 Crushed 2 
8P 5,10,15,20 Pelletized 8 
8C 5,10,15,20 Crushed 8 
6P 5,10,15,20 Pelletized 6 
4C 5,10,15,20 Crushed 4 
6C 5,10,15,20 Crushed 6 
0P 5,10,15,20 Pelletized 0 
0C 5,10,15,20 Crushed 0 
Heat Transfer Enhancement by swirl tape 
 
Disk-shape swirl: 
Disk used in bluff body configuration 1 with diameter of 1.25 inch was machined in the 
following shape (Figure 13).  
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Figure: 13 
 
Eight disk-shape swirls were evenly piled up inside reactor B and packed with crushed 
catalyst. The other conditions were the same as the previous experiment. A disk-shape 
swirl bluff body can create a longer flow path length compared to other bluff body 
geometries investigated. Since the disk-shape swirl does not drive the fluid from hot (near 
wall) back to the cold region as disk-ring combination does, it is not expected to raise the 
centerline temperature as much as disk-ring bluff body. By testing disk-shape swirl, it can 
show whether the flow path length or temperature has more influence in enhancement. 
Because 1.0 LHSV-M for crushed catalyst always located after the break point (always 
with 99% fuel conversion for every experiment set), 1.5 and/or 2.0 LHSV-M were chosen 
for a low flow rate in different experiment.  
The Effect of Catalyst Dimension on Steam Reforming 
 
The investigation regarding the effect of catalyst dimension on steam reforming 
performance has continued this quarter.  The pelletized, or original sized catalyst was 
compared to crushed catalyst of 0.25 cm average diameter, and catalyst powder.  The 
crushed catalyst went through a series of two screens: a large mesh (64 squares per inch, 
0.03 in wire dia.) and a small mesh (256 squares per inch, 0.015 in wire dia.) The catalyst 
power was separated from the larger catalyst pieces after being crushed.  This quarter the 
catalyst powder was compared with pelletized and crushed catalyst with eight packs of 
BB1 type bluff body (small ring and large disk, in annual report).  Figure 134 shows the 
dimensions of the small, medium and large rings and disks.  Since the powder particle 
was smaller than the mesh supporting the catalyst in the reactor, 10 grams of crushed 
catalyst was packed before the powder to prevent the powder from falling down through 
the mesh.  In each case 250 grams of catalyst was used.   
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Figure 134: Ring and Disk Dimensions 
 
 
 
Transient Characteristics of Autothermal Reforming 
 
To optimize the methanol to hydrogen pathway via autothermal reformation, fundamental 
studies such as light-off (transient behavior) and the effects of steam to carbon and 
oxygen to carbon ratios should be investigated.  Heterogeneous catalytic combustion 
light-off is a function of inlet gas temperature and oxygen to carbon ratio.  Zone 3L and 
Zone 4L indicate the centerline temperatures above the monolithic catalyst surface.  Heat 
loss due to radiation from the oxidation region was significant for autothermal 
reformation.  To reduce the radiation loss, an inert material was inserted into the 
autothermal reformer.  A 1.0 inch long, circular monolithic material, mainly composed of 
Al2O3, was used as the inert material for the tests and was located above the autothermal 
catalyst surface.  The transient response with the inert material was compared to the 
reformer transient response without the inert material.     
 
The catalyst wafer (high grade autothermal washcoated) with a 3.5cm diameter by 3.4cm 
in length (1.38” x 1.34”) was placed in the autothermal reformer shown in Figure .  The 
reformer design allows various positions for the catalyst. The temperatures can be 
monitored in the defined zones as well. 
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Figure 15: Schematic of ATR Reactor 
 
Figure 16 shows the location of the three thermocouples monitoring the catalyst 
temperatures.  One thermocouple monitors the catalyst surface temperature, the next 
monitors the temperature at the midpoint and the third monitors the catalyst temperature 
¾ of the way through the catalyst.      
 
Figure 16: The location of end-cap thermocouples 
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Rich and Lean Autothermal Reformation Startup 
 
To examine the effect of O2/MeOH ratio on autothermal reformation transients two 
different ATR startup processes which are fuel rich and fuel lean startup can be defined.  
In the case of fuel lean startup, premix vapor (~250ºC) flows into the reactor one minute 
after hot air (~250ºC) is introduced so fuel can be oxidized in an air rich environment.  
On the other hand, in the case of fuel rich start up, air is introduced into the reactor one 
minute after premix fuel gas enters the reactor so oxidation takes place in a fuel rich 
environment.  These two ways of ATR startup can be done using the current autothermal 
reformation setup at the Hydrogen Production and Utilization Laboratory.  The current 
setup allows the methanol premix to be heated by the vaporizer train and vented out the 
exhaust before entering the reactor, as well as letting the air be heated and vented before 
entering the reactor.  This setup allows either the fuel or the oxidizer to enter the reactor 
first.  The reactor shown in Figure  was used for the rich and lean autothermal 
reformation setup.   
Autothermal Reformation Degradation with Coal-Derived Methanol 
 
Steam reformation catalyst degradation presents limited lifetime issues.  To determine the 
lifetime of the autothermal catalyst, degradation tests similar to the ones performed for 
steam reformation were completed.  It was confirmed that autothermal reforming of coal-
derived methanol has lower degradation rates than steam reforming of coal-derived 
methanol due to the higher operating temperature attained in autothermal reformation.  
Some of problematic chemical compounds found in coal-derived methanol can react with 
oxygen and can be also volatized rather than deposit on the surface of catalyst. Reactor 
inlet temperature was maintained at approximately 250º C.   
 
Autothermal Catalyst Degradation due to Start-up and Shut-down 
 
 To determine the lifetime of the autothermal catalyst, degradation tests similar to the 
ones performed for steam reformation were completed.  It was confirmed that 
autothermal reforming of coal-derived methanol has lower degradation rates than steam 
reforming of coal-derived methanol due to the higher operating temperatures attained in 
autothermal reformation.  Some of problematic chemical compounds found in coal-
derived methanol can react with oxygen and be volatized rather than deposited on the 
surface of catalyst.  
 
An autothermal catalyst degradation test composed of 30 separate cold start-up and full 
shut-down cycles was completed using coal-derived methanol.  The total reformer 
operation was 100 hours.  In the case of fuel lean startup, premix vapor (~250ºC) flows 
into the reactor one minute after hot air (~250ºC) was introduced so fuel can be oxidized 
in an air rich environment.  On the other hand, in the case of fuel rich start up, air was 
introduced into the reactor one minute after premix fuel gas enters the reactor so 
oxidation takes place in a fuel rich environment.  During the start-up and shut-down 
processes, catalyst surface temperature suddenly increases and decreases, which can 
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potentially result in catalyst degradation due to thermal stress on the catalyst.  In this 
study, fuel lean start-up and shut-down process have been chosen due to the higher 
temperatures experienced during start-up and shut-down.  This corresponds to a worst 
case scenario for catalyst degradation due to thermal stresses.  For each experiment, great 
attention and effort was spent to have uniform independent conditions such as O2/C, S/C 
and inlet temperature, etc during the degradation test. In this study, 0.27 O2/C and 1.5 S/C 
were used. The reactor was preheated to 250oC before the experiment started and the 
reactor heaters turned off after catalyst light-off.  Air inlet and premix fuel temperature 
were maintained constant at 250oC.  
 
The fuel rich and lean start-up transient response results are shown in Figure 147.  The 
fuel lean start-up process experiences a greater temperature increase during startup. A 
fuel rich start-up process could potentially burn out deposited impurities on the catalyst 
surface.  However, the possibility exists of catalyst degradation due to catalyst sintering. 
The fuel rich start-up process could possibility increase degradation caused by either 
fouling or poisoning and decrease the catalyst degradation caused by thermal stress when 
compared with the fuel lean start-up process. 
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Figure 147: Top Catalyst Surface Temperature  
 
The method of using fuel conversion to indicate catalyst degradation might be an 
inappropriate metric to determine autothermal catalyst degradation because of high 
operating temperatures experienced during reformation, which depends largely on the 
ratio of oxygen and carbon.  Thus, the combustion process could lead to complete 
conversion in spite of degradation.  Published data and procedures for autothermal 
catalyst degradation for hydrogen production are currently lacking.  To increase 
understanding of the degradation phenomena with autothermal reformation, the reformate 
gas concentration and temperature values inside the reactor should be simultaneously 
monitored along with conversion.  With the aforementioned data, the life of the catalyst 
for hydrogen production can be known with certainty.  Changes in reformate 
concentration, and zone temperatures during a degradation test has identified catalyst 
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degradation during steam reformation in a previous report.  The methods of fuel 
conversion as well as the method of observing changes in reformate concentration and 
zone temperatures will be used as indicators of autothermal catalyst degradation.   
 
The reactor shown in Figure  was used for the rich and lean autothermal reformation 
setup.  A high grade autothermal washcoated catalyst wafer with a 3.5cm diameter and 
3.4cm in length (1.38” x 1.34”) was placed in the autothermal reformer shown in Figure .  
The reformer design allows various positions for the catalyst. The temperatures can be 
monitored in the defined zones as well. 
  
An autothermal catalyst degradation test composed of 13 separate cold start-up and full 
shutdown cycles was completed using coal-derived methanol.  In the case of fuel lean 
start-up, premix vapor (~250ºC) flows into the reactor one minute after hot air (~250ºC) 
was introduced so fuel can be oxidized in an air rich environment.  On the other hand, in 
the case of fuel rich start-up, air was introduced into the reactor one minute after vapor 
premix fuel enters the reactor so oxidation takes place in a fuel rich environment.  Fuel 
rich start-up and shutdown processes are controlled by manipulating air fuel equivalence 
ratio.  During the start-up and shutdown processes, catalyst surface temperature suddenly 
increases and decreases, which can potentially result in catalyst degradation due to 
thermal stress on the catalyst.  The effect of oxygen and carbon ratios variation on the 
catalyst surface is shown in Figure 158.      
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Figure 158: Top Surface Catalyst Temperature Change at Different Oxygen Carbon Ratio during 
Start-up 
 
In this study, fuel lean start-up and shutdown processes have been chosen due to the 
higher temperatures experienced during start-up and shutdown.  This corresponds to a 
worst case scenario for catalyst degradation due to thermal stresses.  For each 
experiment, great attention and effort was spent to have uniform independent conditions 
such as O2/C, S/C and inlet temperature, etc during the degradation test.  In this study, 
0.27 O2/C and 1.5 S/C were used.  The reactor was preheated to 250oC before the 
experiment started and the reactor heaters turned off after catalyst light-off.  Air inlet and 
premix fuel temperature were maintained constant at 250oC.  At lower oxygen and 
methanol ratios, initiated light-off temperature could not be maintained because the 
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energy generated from oxidation was not large enough to sustain the endothermic steam 
reforming reaction and maintain catalyst temperature.  As shown in the figure, ratios 
larger than 0.27 O2/C would sustain the oxidation reaction and maintain a catalyst 
temperature closer to 550 oC on the 1.5” catalyst.  This ratio should be minimized such 
that the energy from oxidation goes to sustain the steam reforming reaction.  Excessive 
oxidation would start to decrease fuel available for steam reformation.  Ratios of 0.27 
O2/C and 1.5 S/C were selected for all experiments to isolate changes in fuel rich and 
lean start-up and shutdown procedures.  
  
Fuel rich start-up could increase the possibility of fouling as well as poisoning.  However, 
it could decrease the possibility of catalyst degradation caused by sintering due to 
relatively low temperatures experienced during transients for both start-up and shutdown.  
By contrast, fuel lean start-up and shutdown processes with excess air could increase the 
possibility of catalyst degradation from catalyst sintering as a result of higher operational 
temperatures.  However, the possibility of fouling and poisoning is relatively low 
compared with fuel rich oxidation.  To verify the start-up and shutdown in relatively 
short time duration, two 0.25” thick monolithic wash coated catalyst samples were used 
for both tests. 
 
Gas Chromatography of Reformate Via Steam Reforming   
 
Purified hydrogen from coal derived methanol and chemical grade methanol was fed to 
gas chromatography (GC) equipment for hydrocarbon impurity analysis with a thermo-
conductivity detector and Helium-ionized detector.  Also, an industrial H2 with 99.99% 
purity was analyzed as the base of the two samples. For industrial H2 and chemical grade 
MeOH, the GC operating time was 7.20 minutes.  For coal derived MeOH, the operating 
time was 17.05 minutes.   
 
Gas Chromatography of Reformate Via Autothermal Reforming   
 
Autothermal reforming produces reformate with nitrogen, methane and small amounts of 
unconverted methanol.  The palladium membrane operating temperature and pressure for 
hydrogen separation should be different from steam reforming methanol due to the nature 
of the Cu/ZnO catalyst.  Previous research confirmed that nitrogen, methane and 
methanol can permeate through a palladium membrane at low pressure.  In the case of 
steam reforming methanol with Cu/ZnO catalyst, nitrogen and methane are not present in 
the reformate.  However, there should be unconverted methanol which can pass through 
the palladium membrane during certain operating conditions.  
 
To perform hydrogen separation using a palladium membrane, high operating 
temperature and pressure are required.  The palladium membrane required periodic 
regeneration to remove carbonaceous compounds, especially when hydrocarbon gases 
flow through the retentate side of the membrane.  The regeneration was performed with 
air and small amounts of hydrogen at approximately 500oC.  Afterword, the palladium 
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membrane separation unit was checked for leaks using gaseous nitrogen at 350oC and 50 
psi.  Blank runs of gas chromatography took place to ensure gaseous compounds were 
not present in the columns.  
 
Reformate Purification 
 
The infrastructure was modified to accommodate the reformate purification system.  A 
Ballard Nexa® stack from the Hybrid Vehicle Propulsion Systems Laboratory at UC 
Davis was used.  The commercially available stack is shown in Figure 19.  The fuel cell 
requires a fuel purity of 99.99% dry gaseous hydrogen.  The fuel cell has a rated power of 
1200 Watts and has a rated current of 42 Amps.  The fuel cell conveniently uses air as a 
cooling medium and has a maximum water exhaust of 0.87 L per hour.  The maximum 
hydrogen usage is 18.5 SLPM, and the desired hydrogen input pressure is 30 psi.       
 
 
Figure: 19 
 
From experimental results, the reformate by percent volume is typically 75% H2, 1% CO 
and 24% CO2 dry.  The maximum reformate flow rate is 32 SLPM for a premix flow rate 
of 20 mL/min.  Since the reformate gas is only 75% hydrogen, a gas purification step will 
need to be included in the methanol reformation infrastructure in the Hydrogen 
Production and Utilization Lab.  Large scale hydrogen purification systems are currently 
in operation for industrial applications, but we found difficulty in finding a small and 
inexpensive method to purify hydrogen.  The lab looked into pressure swing absorption, 
palladium membranes and hydrogen purifiers.  Most of the solutions were large and 
expensive and not designed to handle mixed gases, or output less than 99% pure 
hydrogen. 
 
A palladium membrane from REB research was used to purify the reformate to the design 
specification for the fuel cell. 
 
REB Research & Consulting was founded in 1987 by Robert Buxbaum to consult on 
hydrogen separations and membrane reactors.  Dr. Buxbaum continues to consult and to 
build membrane separators as well as hydrogen purifiers.  The membrane separators 
require a 200 psi operating pressure and temperatures above 200 C.  The membrane 
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developed by Dr. Buxbaum is 100% selective to hydrogen.  The membrane separators 
provide a smaller hydrogen output flow rate, as well as a lower cost.  The units are 
roughly 1 foot in length.  Table 5 shows the increase in price related to hydrogen flow 
rate.        
 
Table: 5 
H2 Flow Rate (SLPM) Cost ($) 
1 3910 
2 5330 
3 7075 
 
 
 
Since PEM fuel cells require high quality hydrogen for fuel, a clean up system was 
necessary to purify the hydrogen rich reformate after exiting the reformer.  Typical 
purifying process for hydrogen production includes water-gas-shift reaction, pressure 
swing absorption, and palladium membrane reaction.  A palladium membrane was 
purchased and has been integrated into a purifying system to produce 99.99% pure 
hydrogen reformed from coal derived methanol.  The palladium membrane reactor was 
chosen in this project for the potential to make the research theories presented more 
robust in the future.  For example, we can investigate the effects of temperature and 
pressure on the overall system, and determine if the same trends are observed at higher 
pressures. 
 
The membrane reactor needs a differential upstream pressure to drive pure hydrogen 
through the membrane, therefore it is necessary to increase the hydrogen rich reformate 
pressure before entering the clean up system. Considering the high cost and complexity to 
set up a vapor phase compressor and pressure swing absorption (PSA) system to 
pressurize reformate after the reforming reactor, we chose to pressurize the reforming 
system from the liquid premix side and operate the whole system at the desired pressure.    
 
Two subsystems were added into the overall system to build the pressure required for the 
clean up system.  These two systems include the pressurized system and the membrane 
reactor system. 
 
The pressurized system was eventually replaced by a high pressure pump which 
simplified the operation of the overall system and stabilized the flow rates to acceptable 
levels. 
 
Pressurized system 
 
A schematic of the pressurized system is shown in Figure . To build the pressure from the 
liquid premix side, a pressurized sample cylinder with one-gallon capacity, which can 
sustain 1800 psi, replaced the plastic carboy as the premix reservoir. A nitrogen tank is 
connected to the cylinder as the pressure source to drive the premix liquid to the pump 
and then to the system at 200 psi. Because the micro gear pump can only handle 30 psi 
differential pressure between the inlet and outlet ports, the pressure has to be built up in 
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the reforming system before slightly increasing the upstream liquid pressure. A 300 psi 
safety valve is connected before the cylinder for safety.    
 
Simple Schematic of 
Pressurized System  
N2 Tank 
Premix refill 
Safety 
valve 
Pressurized 
Cylinder 
Liquid Gear 
Pump 
To Steam or 
Autothermal 
reformer 
Vaporizer
Exhaust 
CO2 
Purge 
Super 
Heater
Reactor
To Palladium 
Membrane 
Reactor 
Pressure Gauge Pressure Gauge
 
Figure 20: Clean up Unit Schematic 
 
Membrane reactor system: 
 
The schematic of the membrane reactor is shown in Figure .  The palladium membrane 
reactor was manufactured by REB Research with a pure hydrogen output flow capacity 
of 1.0 std. L per minute (SLPM). The housing of the reactor is a 5/8 inch diameter by 9 
inch long stainless tube which contains five palladium membrane tubes inside. The 
dimension of palladium membrane tubes is 0.2 cm diameter by 17.78 cm (7”) long with 
wall thickness of 0.007 cm. The maximum operating condition of the upstream flow is 
300 psi running at 400°C. The membrane reactor is heated by a six foot rope heater 
controlled by the Lab View VI coupled with the main program of the whole system. A 
needle valve connected at the sweep output tube serves as the flow control valve to 
control the pressure inside the whole system.  
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 Membrane reactor System
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Figure 21: Membrane Reactor Schematic 
 
Figure 22 and 23 show pictures of the palladium membrane being used for the clean up 
unit.  Figure 23 the right is the same palladium membrane wrapped in insulation and 
installed on the clean up unit.  Figure 4 shows the built clean up unit on the left and the 
system integrated with the steam reforming reactor on the right.     
 
 
                     
Figure 22: Membrane Reactor                              Figure 23: Insulted  Membrane Reactor 
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Figure 24: Purification Unit 
High Pressure Reformation System 
 
To investigate the effects various system pressures and flow rates have on fuel 
conversion, it is inefficient and inaccurate to use a micro gear pump as a premix flow 
driver under a high pressure system.  To have a reliable liquid pump in a high pressure 
environment, a solenoid diaphragm derived metering pump, Figure 25, was purchased to 
replace the gear pump as the liquid driver.  The metering pump has the ability to drive the 
feeding liquid at a constant flow rate from atmospheric pressure to a pressurized pipeline 
at 200 psi.  By using this pump, the flow rate (LHSV-M) can be maintained at a stable 
value in a pressurized environment.  The flow rate can also be confirmed by calculating 
premix mass usage based on the scale reading in every experiment run.  This pump has 
been integrated and was used for the high pressure research.   
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Figure 25: New Pump for Pressurized System 
 
The membrane reactor requires a differential upstream pressure to drive pure hydrogen 
through the membrane, therefore it is necessary to increase the hydrogen rich reformate 
pressure before entering the clean up system. Considering the high cost and complexity to 
set up a vapor phase compressor and pressure swing absorption (PSA) system to 
pressurize reformate after the reforming reactor, the system was pressurized from the 
liquid premix side and operate the whole system at the desired pressure.   The high 
pressure reformation system design presented previously was altered to improve 
performance.  The use of the gear pump caused variable premix flow rates.  For the 
methanol conversion calculation the true premix flow rate must be calculated.  The gear 
pump is remotely controlled to a predetermined flow rate.  The actual premix flow rate is 
determined using a mass balance from the initial and final mass readings recorded from 
the digital scale.  The digital scale could not be used for the previous high pressure setup, 
since the premix was pressurized in a stainless steel tank, and the mass of the tank was 
greater than the maximum of the scale.   
 
The control on the pump, shown in Figure 2, is set as close as possible to the desired flow 
rate on the front panel, but the actual flow rate was calculated by calculating the mass 
difference between the initial and final premix scale readings.  Thus the actual flow rate 
is known.   
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The hydrogen separation system was necessary to separate the hydrogen from the 
reformate exiting the reformer, since PEM fuel cells require high quality hydrogen for 
fuel.  Typical hydrogen separation processes for hydrogen production includes water-gas-
shift reaction, pressure swing absorption, and palladium membrane reaction.  A 
palladium membrane was purchased and has been integrated into a hydrogen separation 
system to produce 99.95% pure hydrogen reformed from coal derived methanol.  the 
purity of the output gas was determined using a gas chromatograph.     
 
The palladium membrane reactor was manufactured by REB Research with a pure 
hydrogen output flow capacity of 1.0 standard  liter per minute (SLPM). The housing of 
the reactor is a 5/8 inch diameter by 9 inch long stainless tube which contains five 
palladium membrane tubes inside. The dimension of palladium membrane tubes is 0.2 cm 
diameter by 17.78 cm (7”) long with wall thickness of 0.007 cm. The maximum 
operating condition of the upstream flow is 300 psi running at 400°C. The membrane 
reactor is heated by a six foot rope heater controlled by the Lab View VI coupled with the 
main program of the whole system. A needle valve connected at the sweep output tube 
serves as the flow control valve to control the pressure inside the whole system.  
 
 
The design of the pressurized system has been modified.  The nitrogen tank and stainless 
steel tank was no longer needed, so the palladium membrane unit was removed from the 
previous apparatus and has been mounted next to the reformer, as shown in Figure 26 and 
Figure.   
 
 
Figure 26: Palladium Membrane Reactor 
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Figure 27: Integrated Palladium Membrane Reactor   
The term “hydrogen separation” was used instead of “hydrogen purification” due to the 
significant quantity of additional species present in the reformate.  In other words the 
hydrogen must be separated from the other species in the reformate.  The term “hydrogen 
purification” would be used when the hydrogen stream is initially of high hydrogen 
concentration.  For example 99.95% hydrogen can be purified into 99.9995 % pure 
hydrogen. 
 
Fuel Cell System Integration 
 
The main objective of the research was to establish and prove a hydrogen production 
pathway from coal-derived methanol to hydrogen for fuel cell applications.  The research 
has focused on reforming coal-based methanol and comparing the results to chemical 
grade methanol.  The research also integrated a clean-up system to purify the reformed 
gas to be used in a hydrogen fuel cell.   
 
A Ballard Nexa® stack from the Hybrid Vehicle Propulsion Systems Laboratory at UC 
Davis was the fuel cell used.  The commercially available stack is shown in Figure 28.  
The fuel cell requires a fuel purity of 99.99% dry gaseous hydrogen.  The fuel cell has a 
rated power of 1200 Watts and has a rated current of 42 Amps.  The fuel cell 
conveniently uses air as a cooling medium and has a maximum water exhaust of 0.87 
liters per hour.  The maximum hydrogen usage is 18.5 SLPM, and the desired input 
pressure is 30 psi.  Figure shows the fuel cell stack and the slots used for air cooling.  The 
NEXA power module is started by connecting a 24 V key on switch.  Once the key on 
switch is initiated, the run switch starts the fuel cell system.  Within a few seconds the 
fuel cell is in standby mode and will be ready to generate power.  The system requires no 
user input and generates enough power to follow the current draw from the system to 
“load follow”.  The current and voltage can be monitored and recorded through a Lab 
View program.         
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Figure 28: 1.2 kW NEXA Fuel Cell Power Module 
 
 
 
Figure 29: Fuel Cell Stack 
The NEXA fuel cell will need a load or current draw once it is started up.  To provide the 
load a current chopper system shown in Figure .  The current chopper uses a Mosfet 
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switch that can be controlled using LabView.  The Curtis chopper can increase the load 
or current draw from the fuel cell and send it to the load bank shown in Figure 1.   
 
 
Figure 30: Current Chopper 
 
 
 
Figure 31: Load Bank 
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Fuel Cell Testing 
 
In preparation to demonstrate the system, the Nexa fuel cell was tested and a polarization 
curve was obtained using a Bitrode load bank prior to integration with the palladium 
membrane clean up system.  The Nexa fuel cell is a load following device, requiring a 
load before the fuel cell increases the power generated.  As the Bitrode increased the 
power demand, the fuel cell responded by ramping up to an increased power output to 
match the demand.  The load bank described in the load bank section was the load used 
during pathway tests from coal-derived methanol.   
 
The Nexa system (PEM Ballard Fuel Cell) provides up to 1200 Watts of unregulated DC 
power at a nominal output voltage of 26 VDC. Subsystems for oxidant air, cooling air 
and hydrogen supply are included. Built-in sensors in the Nexa system can monitor 
system performance and control subsystems for fully automated operation.  Data 
acquisition is possible using a RS485/RS232 port converter and a monitoring program 
(provided by Ballard) based on LabView, which allows communication to the fuel cell 
systems software.  The setup shown in Figure 32 will be the setup used to integrate the 
Nexa fuel cell system with the palladium membrane hydrogen separation system. 
 
 
 
 
Figure 32: Nexa Fuel Cell Test Setup 
Before integrating the fuel cell with the palladium membrane clean up system, a 
polarization curve has been taken to ensure the fuel cell was working properly, and to 
become familiar with the fuel cell system.  The fuel cell was unused for several months, 
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so a rejuvenation cycle was performed for 10 minutes to purge the fuel cell stack of 
possible impurities before taking data. The Bitrode was programmed to provide constant 
ten second loads at 0-50 Amps in 5 Amp increments.   
  
The hydrogen cylinder pressure was regulated to 30 psi. The hydrogen pressure delivered 
to the fuel cell can range from 10 psi to 250 psi. To start up and shut down the fuel cell, 
24 volts must be supplied and be capable of 6 Amps during load spikes.  Typically only 
1-2 Amps are required during startup, after which the power supply can be disconnected 
if desired.  Fuel cell output power, voltage, current, and stack temperature can be 
monitored and recorded through the data acquisition system.   
Fuel Cell Load Bank System 
The Nexa system (PEM Ballard Fuel Cell) provides up to 1200 Watts of unregulated DC 
power at a nominal output voltage of 26 VDC.  The load was provided by a series of 
commercial 1.5 kW electrical resistance heaters wired in parallel.  As each resistor is 
switched on, the load will increase proportionally.  Error! Reference source not 
found.33 shows the wiring schematic of three resistors in parallel.  Each resistor is 
approximately 9.6 Ω, which roughly corresponds to a 160 W electrical load per resistor.  
The power dissipated by each resistor will change proportionally as the fuel cell voltage 
changes along the polarization curve. 
 
 
Fuel Cell R2 R3 R1
 
Figure 33: Load Bank Schematic 
 
The electric resistance heaters were chosen as the resistive load due to the low cost and 
high availability.  Cooling of the heaters is provided by the internal electric fan located 
inside each unit.  The electric fan requires a standard 120 VAC power supply. 
 
The fuel cell load bank system was completed and used for fuel cell testing.  The system, 
shown in Figure34, worked well and provided a load up to 1.2 kW in 12 increments.  The 
system provided an instantaneous response, and the fuel cell could handle the power-
draw increase steps.  The system provided a relatively fast and inexpensive solution to 
providing a load to the fuel cell.   
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Figure 34: Completed Fuel Cell Load Bank 
Hydrogen Storage System 
 
The palladium membrane reactor limits the maximum hydrogen flow rate to 1 SLPM, 
and requires a hydrogen storage system to power the Nexa fuel cell.  The reforming setup 
allows hydrogen flow rates of greater than 1 SLPM, but the costs were prohibitive to 
purchase a palladium membrane reactor that could handle a higher flow rate.  The Nexa 
fuel cell requires 18 SLPM of hydrogen at maximum load.  The fuel cell will run small 
load so a lower hydrogen flow rate will be required.  The required hydrogen flow rate 
will be less than 18, but greater than 1 SLPM, thus hydrogen storage was required.  The 
Nexa fuel cell requires a hydrogen inlet pressure between 10 and 250 psi.  A pressure of 
30 psi or greater will be used to ensure the hydrogen supply is not exhausted during 
testing.    
 
A pressurized stainless steel sample cylinder with 3.78 liter capacity, capable of 
sustaining 1800 psi, was used as the hydrogen storage cylinder.  The tank was originally 
used for the high pressure reformation system and is shown in Figure35.  The tank was 
pressurized by the output hydrogen flow from the palladium membrane.  The inlet valve 
is open during reformation while the output valve is initially closed.  As hydrogen flows 
into the tank, the pressure will begin to increase.  As long as the partial pressure of 
hydrogen is less on the hydrogen side of the membrane, hydrogen will continue to 
pressurize the tank.  The optimum hydrogen flow rate from the palladium membrane is 
attained when vented to atmospheric pressure, so the hydrogen flow rate will decrease as 
the tank pressure increases.  When the desired hydrogen pressure is attained, the output 
valve is opened and pure hydrogen powers the Nexa fuel cell.  The hydrogen can also be 
stored until it is needed for the fuel cell.     
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Figure 35: Hydrogen Storage System 
 
Fuel Cell Testing with Reformate Via Steam Reforming 
 
Purified hydrogen reformed from chemical grade MeOH and coal derived MeOH were 
fed to a 1.2 kW PEMFC to test and analyze the performance of the fuel cell via collecting 
polarization curves.  Industrial H2 purchased from a gas supplier was used as a reference 
and for comparison.  The hydrogen cylinder pressure was regulated to 30 psi. The 
hydrogen pressure delivered to the fuel cell can range from 10 psi to 250 psi. To start-up 
and shutdown the fuel cell, 24 volts must be supplied and the power supply must be 
capable of supplying a maximum of 6 Amps during load spikes.  Typically only 1-2 
Amps are required during start-up, after which the power supply can be disconnected if 
desired.  Fuel cell output power, voltage, current, and stack temperature can be monitored 
and recorded through the data acquisition system.     
   
Overall System 
 
A hydrogen storage tank was set up and connected to a purifying system to collect and 
store purified hydrogen to fuel a 1.2 kW PEM fuel cell.  A Ballard NEXA 1.2 kW 
PEMFC with LabView monitoring program was integrated into the reformer system to 
investigate the system’s performance.  Twelve electrical heaters were internally circuited 
 48 
into a load bank unit. The unit can handle for a maximum 16.7kW power-draw with 
single phase and three phase operation with 12 increments of power-load for fuel cell 
testing.  A simple schematic of the overall system is shown in Figure36.  
  
 
 
Figure 36: Schematic of Overall System 
 
Limited by the output capacity of the palladium membrane reactor (maximum 1.0 SLPM 
pure hydrogen) the overall fuel processing system cannot provide enough hydrogen 
production for the fuel consumption rate for simultaneous fuel cell testing.  The pure 
hydrogen was collected in a Swagelok 316 stainless steel cylindrical tank with one gallon 
(3.78L) capacity.  The pure hydrogen tank was pressurized by the pure hydrogen output 
backpressure of the palladium membrane reactor when operating the purifying system at 
a steady state pressure of 200 psi.  When the palladium membrane operates at 200 psi and 
reformate gas is at the same pressure, the hydrogen partial pressure is 150 psi, when 
100% fuel conversion is assumed (75% hydrogen concentration in reforming products).  
In other words, the ideal maximum hydrogen pressure attainable in the storage tank is 
150 psi when reformate gas is at 200 psi.   
 
In practice, when the collected hydrogen pressure approached 100 psi, the positive 
hydrogen pressure gradient inside the tank gradually dropped due to the decrease in 
difference between hydrogen partial pressure in the gaseous reformate and pure hydrogen 
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side across the membrane.  As the cylinder pressure increased, the cylinder pressure 
began to approach the partial pressure of hydrogen in the reformate side of the 
membrane, which decreases the hydrogen output flow rate from the palladium 
membrane.  A 20-hour hydrogen production time was required to reach a 110 psi gage 
pressure (827 kPa) inside the one gallon tank.  The equivalent hydrogen mass of 
2.855x10-3 kg has an available energy of 342.6 kJ (LHV) when assuming a temperature 
of 25˚C inside the tank.  The small amount of collected hydrogen can sustain three data 
sets when testing the fuel cell.    
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RESULTS AND DISCUSSION 
 
External Evaluation of Methanol  
STL-Mobile used different methods to measure the sulfur content for the 1st and 2nd 
rounds of the external analysis.  Table 7 shows coal-derived methanol has 20 mg/kg more 
chloride than fuel cell grade methanol rather than 15850 mg/kg more chloride as shown 
in Table . 
 
Table 6: 1st round External Analysis of Coal-Derived Methanol and Fuel Cell Grade 
Methanol. 
 Coal-derived Methanol 
Fuel cell grade 
Methanol 
Ethanol(mg/l) <8000 <8000 
Methanol(mg/l) 740000 750000 
Water (%) 0.02% 0.11% 
Total Petroleum 
Hydrocarbon(mg/l) 17 5.9 
Chloride(mg/kg) 16000 150 
Sulfur(mg/kg) (ASTM-D-129-64) 112 298 
 
Table 7: 2nd Round External Analysis of Coal-Derived Methanol and Fuel Cell Grade 
Methanol. 
 Coal-derived Methanol 
Fuel cell grade 
Methanol 
Chloride(mg/kg)(EPA 352.2) 410 390 
Sulfur(mg/kg) (EPA 375.4) <170 <170 
 
Internal Evaluations of Methanol 
 
Nuclear Magnetic Resonance (NMR) spectroscopy Test  
There were two peaks in coal based methanol spectroscopy.  One peak from around 3.3 
ppm is methanol and another peak around 4.8 ppm is deuterated water solvent. NMR 
detection limit is relatively low compared with Liquid Chromatography/Mass 
Spectrometer (LC/MS) and Gas Chromatography/Mass Spectrometer (GC/MS).  There 
are two peaks in NMR spectroscopy of fuel cell grade methanol which is same peak with 
coal-derived methanol.  One peak from around 3.3ppm is methanol and another peak 
around 4.8ppm is deuterated water.  Compared coal derived methanol to fuel cell grade 
methanol, there are no differences between coal-derived methanol and fuel cell grade 
methanol by means of NMR.  Consequently, the NMR analysis method is not sufficient 
for our methanol analysis because it couldn’t detect low concentration impurities in both 
methanols.  Even though there are methods to increase the impurity concentrations to 
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allowable detection by NMR, such as solid phase extraction and evaporation, those 
methods would require a large amount of methanol.  
 
Liquid Chromatography-Mass Spectrometer (LC-MS) Test 
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The above graphs represent ionized fraction compounds in methanol impurities. To begin 
with, C18 polar column was used which is usually applicable for huge molecular weight 
protein. The molecular weights of impurities we found using LC-MS are over 500g/mol 
(i.e. higher hydrocarbon) responded by characteristic of column. However, LC-MS can 
not fully analyze impurity compounds so elementary chemical analysis, Infrared (IR) 
Spectroscopy, increasing concentration and GC-MS might be needed.  
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 Figure 40: LC-MS time trace of UV detection for Fuel Cell Grade Methanol. 
 
Figure  and Figure  represents UV detection corresponded by both compounds and 
ionization over both coal derived methanol and fuel cell grade methanol.  
 
Consequently, there are many spectrograph candidates for above those higher 
hydrocarbon compounds corresponded by mass spectrograph.  Obviously, coal-derived 
methanol and fuel cell grade methanol have the same higher hydrocarbons.  Even though 
LC-MS results indicate there are differences between fuel cell grade methanol and coal-
derived methanol, it is hardly possible to find out which compounds are in both 
methanols only using mass spectrograph. 
 
Gas Chromatography-Mass spectrometer (GC-MS) 
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Figure 41 and Figure 42 represent overall GC-MS time trace both coal-derived methanol 
and fuel cell grade methanol.  What was found by GC-MS test were different types of 
higher hydrocarbon that might have chloride, sulfur or silane. 
 
Coal Derived 
Methanol 
 
Figure 41: GC-MS time trace of Coal-derived Methanol. 
 
 
 
Fuel Cell Grade 
Methanol 
Figure 42: GC-MS time trace of Fuel Cell Grade Methanol. 
 
Note: The following results from the mass spectrometer are based on GC-MS library.  
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Figure 43: Mass spectrograph of Fuel Cell Grade Methanol at retention time 5:06. 
 
 
 
Figure 44: Mass spectrograph of Coal-derived Methanol at retention time 5:10. 
 
In Figure 43 and Figure 44, two compounds have 296 g/mol as their molecular weight 
and a possible molecular formula of - Benzeneacetic acid, .alpha.-
[(trimethylsilyl) oxy]-,tri. in both fuel cell grade and coal-derived methanol.  
232414 SiOHC
 
We were able to certify the difference of fuel cell grade methanol and coal-derived 
methanol through GC-MS.  Although some compounds have same molecular weight 
through GC-MS library, they can not be said to be identical compounds because of their 
different mass fragment patterns.  However, most hydrocarbon compounds found by GC-
MS library have silane which is abundant in the earth.  Further research should be 
required because those silane might be sulfur, chloride or just column bleed.  
Furthermore, internal evaluation followed by ASTM standard is being on process to 
completely grasp coal-derived methanol specification.  (A more complete presentation of 
plots can be seen in the second quarter report) 
 
Sample Results from Steam Reformation 
 
Table 88 shows raw data from a preliminary run of the steam reformer using fuel cell 
grade methanol.  The premix density, condensate density, mass of premix used, and the 
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mass of the condensate were reduced using the method described above to determine the 
percent conversion of methanol. 
 
Table 8: Conversion Results of Fuel Cell Grade methanol. 
 Premix 
Flow Rate 
(mL/min) 
Premix 
Density 
(g/cm3) 
Mass of 
Premix 
Used (g) 
Mass of 
Condensate 
(g) 
Condensate 
Density 
(g/cm3) 
Percent 
Conversion
(%) 
Run 1 15 0.9080 208.2 38.6 0.9953 99.56
Run 2 5 0.9080 205.8 38.9 0.9973 99.93
Run 3 15 0.9080 208.4 34.5 0.9965 99.81
Run 4 15 0.9080 207.9 38.0 0.9969 99.86
Run 5 5 0.9080 205.7 37.0 0.9972 99.91
Run 6 5 0.9080 205.8 35.5 0.9973 99.93
 
Coal-derived Methanol and Water Solution Calibration 
 
Due to the differences between the coal-derived methanol and the fuel cell grade 
methanol, a new calibration curve to determine the proper density for the coal-derived 
methanol/water premix for the steam reformer was developed.  Figure  represents the 
change of premix density at 24°C (75.2oF) associated with different mass fractions of a 
coal-derived methanol/water solution.  The purpose of this calibration is to calculate the 
conversion of coal-derived methanol.  It is based on the assumption that only methanol 
and water can be condensed in the products.  Other by-products may bias conversion 
ratio, and all condensate temperatures should be maintained at 0°C (32oF) regardless of 
sampling time and space velocity.  Moreover, before the condensate trap is opened, gas 
volume fraction indicated by the gas analyzer should be identical with values associated 
with air.  The handheld density meter is used for measuring density.  It also has a 
thermocouple so that we can measure the density and corresponding temperature.  After 
condensate trap is exposed, residual liquid droplets inside the trap is absorbed by a towel.  
Difference of weight before use towel was approximately 2 g from previous experiment.  
Even minute liquid droplets left inside the condensate trap should be absorbed to 
minimize the uncertainty of the conversion ratio.  Then, mass fraction of unused coal-
derived methanol and deionized water can be calculated by means of density Equation 3 
shown below.  
 
  Equation 3 9422.05536.45198.5 2 ++−= ρρMeOHY
 
Likewise, by means of mass fraction of both liquids, overall conversion can be calculated 
by the following mass basis in Equation 4. 
 
 100(%) ×−=
⋅
⋅⋅
MeOHused
MeOHunusedMeOHused
m
mm
Converion  Equation 4 
 
 56 
0.0
0.1
0.2
0.3
0.4
0.5
0.6
0.90000.92000.94000.96000.98001.0000
Density@24C (g/cm3)
M
as
s 
Fr
ac
tio
n 
of
 C
oa
l B
as
ed
 M
et
ha
no
l
Coal based Methanol-Water
Solution Calibration
Figure 45: Coal-derived methanol/water solution calibration. 
 
Baseline ATR Results 
 
Automotive (urban) catalyst baseline tests 
Preliminary testing was conducted with wall temperature set points of 350ºC (662oF), S/C 
= 1.5, premix flowrate ranging from 1.4 to 8.5 ml/min (0.022gal/h to 1.35gal/h), and O/C 
ranging from 0.0 to 0.40.  Fuel conversion of greater than 90% has been achieved using 
the downstream catalyst from an automobile catalytic converter.  The used catalyst has a 
burnt appearance from reaching temperatures of approximately 480ºC (896oF) (see 
Figure 46 below).  Reformate composition was uncertain due to complications with the 
gas analyzer.  
 
Figure 46: Used and unused catalyst for ATR reactor. 
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As seen in Figure , fuel conversion increases from 17% at O/C = 0 to 90% at O/C = 0.25 
and then levels off at higher O/C. The conversion tested at the two different premix 
flowrates is similar at given O/C’s.  
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Figure 47: Conversion results in ATR reactor. 
 
Conversion should also be dependent on the reactant flowrates.  Conversion is fairly 
constant above GHSV’s of 3000 h-1, as shown in Figure .  Intuitively, the conversion 
should increase with decreasing GHSV, because the reactants have a longer residence 
time in the catalyst bed.  However, the opposite result is displayed in Figure .  This may 
be due to a laminar flow regime at low flowrates, which could affect reactant mixing 
upstream and therefore decrease the conversion.  
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Figure 48: Conversion as a function of gas hourly space velocity. 
 
Catalyst bed temperature increases with O/C, from 309ºC (588.2oF) at O/C = 0 (steam 
reforming), to 430ºC (806oF) at O/C = 0.24 as seen in Figure  below. Temperatures in the 
catalyst bed are even higher at O/C = 0.4, reaching temperatures of around 480ºC 
(896oF).  The reactor has axial zones 1 through 5 and the catalyst was located in zone 4 
for the experiments shown.  The temperatures displayed in Figure  are reactor centerline 
temperatures, and the catalyst interior temperatures.  The catalyst interior temperatures 
are taken at the same axial length inside the catalyst and represent a radial temperature 
profile.  O/C has a significant effect on the catalyst bed temperature and less effect on the 
reactor center line temperature.  This implies that the oxidation reaction of methanol is in 
fact occurring in the catalyst bed as expected.  Zones 4 and 5 show a mild increase in 
temperature with increasing O/C.  This is because of the hot product gases coming from 
the catalyst bed.  
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Figure 49: ATR reactor temperature profile at various O/C. 
 
The temperature response of the catalyst bed to increases in O/C is fairly rapid, as shown 
in Figure  below. The catalyst bed temperature rises more rapidly at higher O/C ratios.  
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Figure 50: Temperature profile of reactor with oxidant supply pulses for various O/C. 
 
Fuel conversion is dependant on reactant inlet temperatures and reactor set point 
temperatures. At 350ºC (662oF) inlet and reactor wall temperature set points, the 
conversion of fuel was 74%, compared to 63% for set points of 260ºC (500oF) as shown 
in Figure  below.  
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Figure 51: Conversion at two different inlet and reactor temperatures. 
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Reaction progression through the monolithic catalyst was investigated. These are baseline 
studies which will utilize fuel cell grade methanol as the fuel which will aid in the 
analysis of reforming coal based methanol.  
 
Proprietary catalyst baseline tests 
In past studies oxygen-to-carbon ratio has proven to be a very significant parameter in 
ATR of hydrocarbon fuels.  Therefore, it was deemed necessary to begin an investigation 
on the effects of O2/C on reactor performance.  At each catalyst configuration, the O2/C 
was varied from 0.1 to 0.4, in increments of 0.05, in order to investigate the effects of 
O2/C on reactor performance, including temperature profile, conversion, and efficiency.  
 
The most notable effect of O2/C can be seen at a critical O2/C characterized by a sudden 
increase in catalyst bed temperature.  This critical point is known as light off.  Figure  
shows the rapid increase in average catalyst bed temperature as the O2/C increases from 
0.15 to 0.20.  The average catalyst bed temperatures at each O2/C are listed in Table 9.  
The critical O2/C (for the operating parameters used in this experiment) was 0.20, this is 
the operating point where light off occurred.  Below light off, catalyst bed temperatures 
are around 300ºC (572oF), approximately 50ºC (90oF) hotter than the inlet temperature of 
250ºC (482oF).  At light off, the catalyst bed temperature dramatically increased by about 
235ºC (423oF) to approximately 550ºC (1022oF).     
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Figure 52: Average catalyst bed temperature as a function of O2/C, 1.5” catalyst piece. 
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Table 9: Average catalyst bed temperature at various O2/C, 1.5” catalyst piece. 
O2/C 
Average Catalyst Bed 
Temperature (ºC) 
0.10 298.6 
0.15 314.9 
0.20 549.3 
0.25 605.3 
0.30 637.7 
0.35 691.0 
0.40 742.5 
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Figure 53: Catalyst bed temperature profile at various O2/C. 
 
Catalyst bed temperature increased with increasing O2/C, as the reaction shifted from 
endothermic to exothermic thus generating excess heat which raised reactor temperatures.   
Shown in Figure 53 is the catalyst bed temperature profile, measured at 4 axial locations, 
of the solid 3.81cm (1.5in) catalyst piece at various O2/C’s.  For a low O2/C of 0.15, the 
entrance of the catalyst bed was approximately 350ºC (662oF), 100ºC (180oF) higher than 
the reactant inlet temperature of 250ºC (482oF).  Just 3.175cm (1.25in) downstream from 
this location the catalyst bed temperature dropped below 300ºC (572oF).  The decrease in 
temperature through the catalyst bed indicates a dominating endothermic steam reforming 
reaction through the latter portion of the catalyst bed.  This is consistent for each O2/C 
except at the light off point, O2/C = 0.20, where the catalyst bed inlet temperature is 
actually lower than the rest of the catalyst bed.   
 
Temperature profile of the catalyst bed helps explain reactor performance, but the actual 
performance is quantified by fuel conversion and efficiency.  Figure  shows the fuel 
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conversion percentage as a function of O2/C for the catalyst arrangement of three, stacked 
6.35mm (0.25in) catalyst pieces.  Below light off, fuel conversion percentage appears to 
linearly increase with O2/C ratio until it reaches nearly 100% at the critical O2/C.  The 
error bars in Figure  are a result of the statistical analysis of the data and represent a 95% 
confidence interval within which the true mean of the population of data should lie.  The 
error bars at all O2/C, except 0.20, are very small, indicating consistent and reproducible 
data.  At light off, the reaction is unsteady and results in less consistent data with 
associated larger error bars.  As seen in Figure , above the light off point, O2/C > 0.20, 
the fuel conversion is a constant at approximately 99.5%.  Below light off, O2/C < 0.20, 
the fuel conversion follows a linear trend.  The fuel conversion increases from about 60% 
at O2/C = 0.10, to just over 80% at O2/C = 0.15, to nearly 100% at O2/C = 0.20.  The 
results for each catalyst bed configuration are very similar.  
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Figure 54: Typical fuel conversion as a function of O2/C, shown for 3 stacked catalyst pieces. 
 
A discussion of the effects of oxygen-to-carbon ratio would not be complete without 
investigating reactor power requirements.  Heat bands were placed on the reactor in order 
to provide external heat for start-up and operation below the thermoneutral point.  The 
controls were set to maintain reactor wall temperatures of 250ºC (482oF).  Electrical 
power consumed by the five different heat bands is show in Figure , as an average over 
all catalyst configurations.  As expected, the most external heat is required at the lowest 
O2/C.  This is a total of 33.4 Watts at O2/C = 0.20.  The heating requirements decrease 
until they reach zero at approximately O2/C = 0.30.  Most of the power was consumed by 
the heating bands located at the top and bottom of the reactor, Zone 1 and Zone 5 
respectively.  This may be due to insufficient insulation and excess heat loss through the 
ends of the reactor.  
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Figure 55: Reactor power consumption vs. O2/C. 
 
In order to test how the ATR reaction progresses through a monolithic catalyst bed, the 
catalyst bed length was varied from 6.35mm (0.25in) to approximately 3.81cm (1.5in) by 
stacking separate 6.35mm (0.25in) length catalyst slices of 3.81cm (1.5in) diameter.  It 
was important to quantify the effects of stacking the catalyst pieces.  To establish a 
baseline, a single, uniform monolithic catalyst of 3.81cm (1.5in) length was tested to 
observe the effects of the discontinuity between stacked catalyst sections.  The two 
catalyst arrangements are show in Figure .  
 
 
Figure 56: Six, 0.25” catalyst pieces stacked next to a 1.5” catalyst piece. 
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The stacked catalyst performed in a very similar manner as the solid 3.81cm (1.5in) 
catalyst, as evidenced in Figure  which shows the reactor efficiency as a function of O2/C 
for both catalyst configurations.  For the most part, reactor efficiencies are nearly 
identical between the solid catalyst bed and the stacked catalyst bed.  The most notable 
difference is at O2/C = 0.20, the light off point.  As discussed earlier in this chapter, 
operating near the light off point is accompanied by unsteady reaction.  At the light off 
point the catalyst bed may undergo extreme temperature fluctuations and concomitantly 
varying conversion and efficiency.  Figure  shows that, at O2/C = 0.20, the mean 
efficiency of the uniform 3.81cm (1.5in) catalyst bed is 20% higher than that of the 
stacked catalyst bed.  This indicates that the discontinuities between the stacked catalyst 
pieces could be a contributing factor to the instability of the reaction which results in a 
decrease of reactor efficiency. 
 
 
Figure 57: Comparing 1.5” catalyst to six stacked catalyst pieces, equivalent to 1.5”. 
 
From the results of comparing the uniform catalyst bed to a stacked catalyst bed with 
associated discontinuities, it was assumed that the stacked catalyst pieces reasonably 
approximate a continuous length of catalyst.  
 
After comparing the remaining catalyst configurations, catalyst bed lengths from 6.35mm 
(0.25in) to 3.81cm (1.5in), it is apparent that the catalyst bed length has little or no effect 
on conversion or reactor efficiency.  Adjusting the catalyst bed length effectively changes 
the GHSV by varying the catalyst bed volume.  Figure  shows that there is no significant 
difference in fuel conversion over the range of corresponding GHSV’s from 9,700 to 
58,100h-1.  Above light off, catalyst bed temperatures remained above 550ºC (1022oF) 
and fuel conversion was approximately 99.5% for all catalyst configurations and O2/C. 
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Figure 58: Fuel conversion at 7 different catalyst configurations, GHSV from 9,700 to 58,100. 
 
In order to find the upper limit of GHSV for ATR with the selected catalyst, preliminary 
testing was performed with a 6.35mm (0.25in) length catalyst bed, 3.81cm (1.5in) in 
diameter, at varying reactant flowrates.  Stoichiometry was held constant at S/C =1.5, 
O2/C = 0.23.  The highest GHSV of 140,000 h-1 was obtained at a premix flowrate of 
21.8 ml/min, and air flowrate of 9.0 SLPM.  Reactant flowrates were limited to this level 
due to the capacity of the air MFC’s and excess heat in the reactor exhaust which caused 
valves to malfunction.  As expected, the conversion appears to start diminishing at 
GHSV’s upwards of 100,000 h-1.  However, the reduction in conversion is a mere 1 to 
1.5% (from 99.5% to 98.5 or 98%), and without having collected multiple data samples, 
it is difficult to place any confidence in these results.  These results do indicate that an 
upper limit may indeed be found at higher GHSV’s, but a redesign of reforming 
equipment is necessary to raise reactant flowrates sufficiently.  Specifically, a higher 
capacity air MFC would need to be installed.  An exhaust cooling unit is currently being 
designed upstream of the ball valves to reduce exhaust temperatures.  
 
Possibility of Operating in Steam Reforming Mode 
One way that autothermal reforming might be used is to help overcome the insufficient 
dynamic capabilities of steam reforming.  A possible operating scheme might use ATR to 
provide rapid dynamic responses when needed, while at steady state the reactor would 
operate in a more efficient SR mode.  Some preliminary testing performed with the ATR 
reactor provides some insight to the possibility of operating an ATR catalyst in SR mode.  
 
During preliminary testing, some ATR experimental runs were performed at a 350ºC 
(662oF) reactant inlet temperature.  This data was compared to the data collected at the 
250ºC (482oF) reactant inlet temperature.  Figure  shows a plot of the resulting fuel 
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conversion as a function of O2/C for the two reactant inlet temperatures, one at 250ºC 
(482oF) and the other at 350ºC (662oF).  By means of extrapolation, a predicted 20% fuel 
conversion is obtained at an O2/C = 0.0, steam reforming mode.  From the data collected 
during preliminary ATR testing, it was found that increasing reactant inlet temperature to 
350ºC (662oF) results in concomitant increases in fuel conversion below the light off 
point.  As seen in Figure , the higher inlet temperature shifts the critical O2/C (where light 
off occurs) from 0.20 to 0.15.  Fuel conversion below the light off point also shifts such 
that higher conversions are achieved at lower O2/C.  If this trend continues as inlet 
temperature increases, it is conceivable that eventually 100% conversion is obtained at an 
O2/C of zero, or in steam reforming mode.   
 
Keeping in mind that the conversion in SR mode at 250ºC (482oF) is estimated based on 
linear extrapolation.  Based on these results, it is believed that the ATR reactor could 
possibly operate in SR mode at elevated temperatures.  From the data presented earlier, 
SR mode might be successful around temperatures of 650ºC (1202oF). 
 
 
Figure 59: Comparing effects of inlet temperature on fuel conversion, 1.5” catalyst . 
 
Currently the catalyst substrate, a ceramic material with low thermal conductivity, and 
insulating wrapping material inhibit heat transfer from the reactor walls to the reaction 
site.  This transfer of energy is vital to carry out the endothermic steam reforming 
reaction.  However, if the ATR catalyst were to be supported on a different substrate that 
facilitates heat transfer and does not require an insulating wrapping material, it is possible 
that the increase in heat transfer would be sufficient to significantly increase conversion 
in SR mode.  Reactant mixing upstream of the catalyst bed could further improve the fuel 
conversion at a given inlet temperature by ensuring an even distribution of thermal 
energy.  The possibility of operating an ATR reactor in SR mode has great potential to 
reduce the start up time and increase dynamic capabilities of a reformer that operates 
primarily in a highly efficient SR mode. 
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 Thermal Profile Experimental Results 
 
A preliminary in-situ comparison of the standard probes to two variations of the support 
tube probe design has been completed showing significantly reduced effects from sheath 
conduction.  This preliminary experiment suggests that the effects of sheath conduction 
near the outer wall of the reactor may be skewing the measurements by as much as 25ºC, 
see Figure  and Figure .  Thermocouples of the improved design are currently being 
fabricated to carry out measurements of a full temperature profile.  A complete 
investigation of the effect of reactor aspect ration and flow rate on the thermal profile is 
planned.  A bench top axial conduction experiment is underway to compare the 
performance of the different thermocouple types.   
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Figure 60:  Comparison between standard thermocouples available from OMEGA and improved 
thermocouples fabricated in house.  The two thermocouples are in two different zones of the reactor 
where the true gas temperature is not exactly the same. 
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Figure 61 : Temperature differences caused by sheath conduction. 
 
Catalyst Degradation Inspections 
 
Investigations were made using the Light Microscopy, Scanning Electron Microscopy, 
the Electron Dispersive Spectroscopy and the X-Ray Diffraction techniques.  The 
investigations have focused on the CuO/ZnO/Graphite catalyst due to its high activity and 
low operating temperature.  The catalyst in the as received oxidized state has a black 
matte surface on the ends and a black shiny surface around the edges.  
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Figure 62: Pelletized catalyst. 
 
Light microscopy results show that the surface is very rough with very small pores 
penetrating into the pellet, very reflective sections and regions of different colors.  For 
reactor operation the catalyst is reduced and when removed from the reactor the catalyst 
reoxidizes in air heating up to 190oC (374oF).  When the reduced catalyst is removed 
from the reactor it has a ruby sheen and then as it oxidizes the hottest sections of catalyst 
turn a pale green color. The difference between these two surfaces can be seen in the light 
microscope pictures below.  Literature investigations suggest that this coloration change 
may only be related to the reoxidation conditions and may not be caused by chemical 
changes to the surface of the catalyst during operation.   
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Figure 63: Virgin Catalyst surface at 400X magnification. 
  
 
 
Figure 64: Used Oxidized Catalyst surface at 400X magnification. 
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SEM microscopy results have determined that the catalyst particles are composed of 
consolidated fine particles with particles sizes on the order of nanometers.  The catalyst 
pellets have very fine pore structures with pore diameters on the order of nanometers as 
well as the larger pores seen in the light microscope images, see figures below.  A 
comparison of the surface of the catalyst pellets before and after use shows some possible 
loss in surface area although further investigation is required to substantiate this finding.  
The images below show the surface of a virgin and used catalyst pellet. 
 
 
Figure 65: Virgin Catalyst surface. 
 
 
 
Figure 66: Virgin Catalyst surface. 
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Figure 67: Virgin Catalyst surface. 
 
 
 
Figure 68: Used Catalyst surface. 
 
EDS results show that the bright white areas in the light microscope pictures and the dark 
spots in the SEM pictures are graphite islands.  The copper and zinc oxides are very 
evenly distributed across the surface and throughout the interior of the pellets with no 
identifiable regions rich in either on or the other.  This even distribution continues down 
to minimum spot size of this technique in the micrometer size scale.  The figures below 
show the spectroscopic signatures for Copper, Zinc, Carbon and Oxygen.  The 
distributions for the virgin and used samples tested show no identifiable differences. 
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Figure 69: Virgin Catalyst surface, Copper K-alpha wavelength left, Zinc K-alpha wavelength. 
 
 
   
Figure 70: Virgin Catalyst surface, Carbon K-alpha wavelength, Oxygen K-alpha wavelength. 
 
 
Steam reformation Degradation Experiments 
Catalyst Degradation Experiments were performed in steam reformation with both coal-
derived methanol and chemical grade methanol.  Much attention was paid to each 
degradation test to prevent bias of conversion for each of the 70 hour tests.  In this 
experiment, there is only one independent value which is the fuel.  Every dependent value 
was kept identical for each degradation test.  The reactor inlet temperature was 
250~253oC (482-487.4oF), and a space velocity of 2.5 LHSV was adopted for this 
experiment. 
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Figure 71: Degradation test for coal-derived methanol and chemical grade methanol for 70 hours. 
 
Figure  represents the results of catalyst degradation.  In addition, a linear a regression 
line has been added with regard to the three tests for each methanol fuel.  The rate of 
degradation for the coal-derived methanol is much faster than that of chemical grade 
methanol.  The deactivation rate of coal-derived methanol is roughly -0.1065 % 
conversion per hour.  On the other hand, the deactivation rate of chemical grade methanol 
roughly -0.02196 % conversion per hour.  In general, catalyst degradation is usually 
caused by sintering, fouling, or poisoning.  Through our chemical analysis we saw that 
the coal-derived methanol has more hydrocarbon compounds than does chemical grade 
methanol.  For example, some of the light hydrocarbons could be reformed in our reactor 
because of the high temperature.  However, higher hydrocarbons (over C6) should cause 
poisoning as well as fouling by chemical reaction with the copper, and physical blocking 
active of the catalyst pours.  To be sure, sulfur and chloride should make catalyst 
deactivation exacerbated as well, however, it can be assumed that there is little difference 
in the sulfur and chloride content for both methanols.  This was shown through our 
second external analysis of coal-derived methanol compared with chemical grade 
methanol.  Moreover, by means of the variation of hydrocarbon concentrations (Figure ) 
through degradation test, we might come to a conclusion that the difference of 
hydrocarbon concentrations in each of the methanol fuels cause different deactivation 
rates at the same conditions.  
 
Hydrocarbon gas concentration 
This is the gas concentration measured after the condenser.  The condenser causes the 
hydrocarbon gases to liquefy, as well as a portion of the unreacted methanol gas.  A 
portion of the unreacted methanol gas does not condense.  However, it can be negligible 
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for hydrocarbon analysis in that every data point during each methanol degradation test 
has nearly equal amounts of uncondensed methanol gas in addition to the hydrocarbon 
gas concentration, in the comparison of coal-derived methanol with chemical grade 
methanol. 
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Figure 72: hydrocarbon concentration for both chemical grade methanol and coal-derived methanol 
for 70 hour degradation tests. 
 
Figure  represents of a variation of hydrocarbon concentrations for both chemical grade 
methanol and coal-derived methanol for each of the 70 hour degradation tests.  When 
measuring hydrocarbon gases by infrared technology, all of these gases absorb IR energy 
in the same wavelength of 3.4 micron.  For the first 12 hours, hydrocarbon gas 
concentrations of coal-derived methanol are nearly equal to that of chemical grade 
methanol.  However, after around 12 hours, hydrocarbon gas concentration of coal-
derived methanol increases much faster than that of chemical grade methanol.  It 
definitely can be said that catalyst degradation is occurring in reactor at this point.  It 
could be due to fouling and poisoning from the hydrocarbons.   39g (0.086lb) of catalyst 
can handle some of the hydrocarbons, however, if hydrocarbons are continuously 
supplied over some of the hydrocarbons will not be reacted by the catalyst physically and 
chemically.  As the catalyst degradation is continuing the excess hydrocarbons will just 
pass through the reactor.  On the other hand, deactivated catalyst might accelerate the 
production of by-product hydrocarbon such as methyl formaldehyde and formaldehyde 
etc. 
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Carbon Monoxide and Carbon Dioxide Concentrations 
Carbon monoxide concentrations should be minimized to less than 10 ppm for both PEM 
(Polymer Electrolyte Membrane) and PAFC (Phosphoric Acid Fuel Cell) applications.  
Carbon monoxide formation is still controversial for copper based catalysts.  In the 
literature, there are two suggestions associated with reaction pathway for methanol steam 
reforming and carbon monoxide formation.  One is that CO is primary product from 
methanol decomposition [4,5,6,8].  Another is that CO is a secondary product produced 
through a reverse water gas shift reaction [2,3,7].  These two suggestions start from two 
agreements.  First, the concentration of CO is below the thermodynamic equilibrium 
calculation because the methanol decomposition reaction rate is much smaller than the 
steam reforming reaction rate.  Second, copper based catalyst is used for the water gas 
shift reaction.  In the first suggestion, CO is produced directly through methanol 
decomposition and then CO is converted into CO2 by the water gas shift reactions shown 
in Equation 5.  Methanol decomposition, steam reforming and the water gas shift reaction 
should be thought of as a combined reaction network [4,5]. 
  
 23 2)( HCOlOHCH +→  
222 )( COHCOgOH +→+  
 2223 3HCOOHOHCH +→+  Equation 5 
 
Another suggestion proposes that CO cannot be produced as a primary product of 
methanol decomposition because there was no CO produced for short residence times of 
methanol in the reactor, even though copper catalyst had been used.  Therefore, it can be 
thought of as a secondary product through  a reverse water gas shift reaction as seen in 
Equation 6 [2,3,7].  The methanol decomposition reaction rate is pretty small so that it 
can be negligible [14]. 
 
2223 3HCOOHOHCH +→+            
OHCOHCO 222 +→+          
Equation 6 
 
Figure  represents carbon monoxide concentrations of reformed methanol both chemical 
grade and coal-derived from 70 hour degradation tests.  In Figure , carbon monoxide 
concentration continued to decrease for both coal-derived methanol and chemical grade 
methanol as catalyst degradation progressed.  In general, at low temperatures of 
220~280oC (428-536oF), reduced copper has another role which is to facilitate the water 
gas shift reaction while the steam reforming reaction is occurring.  Inside the reactor, 
there is no specific area for the water gas shift reaction as well as the steam reforming 
reaction.  The reduced copper sites are shared for both reactions [4,5].  This means both 
reactions should be degraded at the same rate even though the water gas shift reaction is 
an exothermic reaction as opposed to the steam reforming reaction which is endothermic.  
Therefore, the concentration CO2 produced by the water gas shift reaction should be 
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decreased due to deactivated catalyst.  However, in Figure , we see that the CO2 
concentration keeps increasing slowly even though catalyst degradation is taking place.  
It obviously shows that CO2 cannot be produced by the water gas shift reaction even 
though copper has the ability to serve as a water gas shift catalyst.  This brings us to the 
conclusion that CO is a secondary product formed through a reverse water gas shift 
reaction instead of the normal water gas shift reaction.  In comparison coal-derived 
methanol shows smaller concentrations of CO than those produced from chemical grade 
methanol.  This is because the reverse water gas shift reaction is deactivated faster in the 
case of coal-derived methanol than in the case of chemical grade methanol by means of 
fouling and poisoning of the catalyst from hydrocarbons.  During first 10 hours the 
carbon monoxide concentrations appear to be nearly same (Figure ).  However, after 10 
hours, the CO concentrations from coal-derived deceased a little bit faster than that of 
chemical grade methanol.   
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Figure 73: carbon monoxide concentration from reformed chemical grade and coal-derived methanol 
for 70 hour degradation tests. 
 
The CO2 concentrations of coal-derived methanol are a little bit higher than those from 
chemical grade methanol as seen in Figure .  After catalyst degradation begins to take 
place, some of the CO2 is no longer able to be reacted by the reverse water gas shift 
reaction due to the reduction of active copper site.  Higher degradation rates show more 
concentration of CO2 
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Carbon Dioxide Concentration
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Figure 74: Carbon dioxide concentration from reformed chemical grade and coal-derived methanol 
for 70 hour degradation tests. 
 
Variation of Temperature 
Steam reforming is a strongly endothermic reaction.  As already mentioned above, there 
is no special place the for reverse water gas shift reaction.  It should be happening 
simultaneously with the steam reforming reaction on the same active copper sites.  Figure 
75 shows temperature differences between reactors with and without catalyst at the same 
location.  This can explain that zone 1 is the most active site as opposed to zone 2 inside 
the reactor, based on the endothermic reaction.  A large amount of heat energy is 
consumed in zone 1 compared with zone 2.  However, during catalyst degradation, it can 
be expected that this active zone should be moved down through the reactor as the most 
active site degrades.  Figure  represents the temperature change of each zone during the 
70 hour degradation tests.  These results support the conclusion that the active zone is 
moving down toward zone 2 during the 70 hour degradation tests.  The zone 1 
temperature increases incrementally during the 70 hour degradation tests.  On the other 
hand, the zone 2 temperature decreases slowly during 70 hour degradation tests.  In 
Figure , zone 1 temperature shows a faster increase in case of coal-derived methanol than 
that of chemical grade methanol.  This result also supports the conclusion that the 
degradation rate of coal-derived methanol is faster than that of chemical grade methanol. 
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Figure 75: Temperature difference between a reactor with and without catalyst at the centerline. 
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Figure 76: Temperature change of zone 1 and zone2 during 70 hour degradation tests. 
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Steam Reformation Enhancement Methods 
 
Demonstration of Bluff Body Enhancement  
Based on the factorial experiment design, the three independent variables all showed 
statistically significant effects on the steam reforming processes.  The standard to 
determine if the variable can significantly influence the experiment process or not is to 
compare its signal-to-noise ratio and student t ratio.  The result of this factorial 
experiment is shown in Table . 
 
Table 10: Signal-to-noise, t-ratio and statistical significance 1. 
 t* Significant at 95% 
Confidence? 
Significant at 99.9% 
Confidence? 
Student t-value at 95% confidence 2.120 - - 
Student t-value at 95% confidence 4.015 - - 
Effect of Flow Rate (E1) -86.517 Yes Yes 
Effect of Catalyst Dimension (E2) -31.973 Yes Yes 
Effect of Bluff Body Package 
Density (E3) 
13.155 Yes Yes 
Interaction of Flow Rate and 
Catalyst Dimension (I12) 
-25.54 Yes Yes 
Interaction of Flow Rate and 
Package Density (Flow Rate and 
Package Density (I13) 
10.654 Yes Yes 
Interaction of Catalyst Dimension 
and Package Density (I23) 
13.938 Yes Yes 
Interaction of Flow Rate, Catalyst 
Dimension and Package Density 
(I123) 
0.13 No No 
 
The results demonstrated that introducing bluff body packages inside the reactor had a 
significant effect on the steam reforming process and can improve the fuel conversion.  
According to this factorial experiment design, a linear fuel conversion model was also 
developed, given in Equation 7 Equation 7. 
 
 
323121
321
01.254.164.3
90.162.448.1239.86(%)
XXXXXX
XXXC
++−
+−−=
 Equation 7 
 
X1, X2, and X3 are based on the inputs of independent variables and are derived from 
Equation 8 through Equation 10. 
 
 )1(
5-20
(-1)-1ml/min])[ 5ml/min][ Rate Flow(1 −+⋅−=X  Equation 8 
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  )1(
5.275.4
)1(1])mm[ 5.2]mm[Length Catalyst (2 −+−
−−⋅−=X  Equation 9 
 
 )1(
28
)1(1)2Number  Package(3 −+−
−−⋅−=X  Equation 10 
   
A verification of this model’s accuracy was obtained by comparing the predicted 
conversion with empirical data collected.  The flowrate was held constant at 20 ml/min 
(4.0 LHSV-M) to evaluate how well the model predicted percent conversion for different 
package numbers.  The result is shown in Figure . 
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Figure 77: Predicted conversion vs. actual conversion at 4 LHSV-M for different package numbers. 
 
In Figure , almost all the empirical conversions are within a tolerable value for twice the 
pooled standard deviation of 1.32% except the 4P, which has a larger deviation of 1.42 
%.  However, for zero packages, as it is out of the boundary used for developing the 
model, the offset is extremely large compared to twice the pooled standard deviation.  
 
Conversion Enhancement 
Figure  and Figure  give the empirical conversions collected for all the ten experiment 
configurations at four different space velocities, and show linear regression lines. 
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Conversion vs Space Velocity (Pelletized catalyst)
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Figure 78: conversion versus space velocity with different package numbers and pelletized catalyst. 
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Figure 79: conversion versus space velocity with different package numbers and crushed catalyst. 
 
To give a clear insight of the conversion improvement through the use of bluff bodies, 
different package number’s conversion increase (improvement) compared to zero 
package configurations are given in Figure  and Figure 8181 at a flow rate of 5 ml/min 
and 20 ml/min (1.0 and 4.0 LHSV-M respectively).  
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Figure 80: conversion difference versus package number increased at 1.0 LHSV-M. 
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Figure 81: conversion difference versus package number increased at 4.0 LHSV-M. 
 
Comparing Figure  and Figure 81, the plots indicate that a high space velocity of 4.0 
LHSV-M gave a larger conversion improvement.  This phenomenon corresponds to the 
result concluded by Table 5 that flow rate and bluff body package numbers have a 
positive interaction thus a positive signal-to-noise ratio. 
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Heat Transfer Enhancement 
The fuel conversion enhancement by bluff bodies was mainly due to the heat transfer 
enhancement inside the reactor.  Figure 82 to Figure 85 present the centerline 
temperatures at different axial locations inside the reactor.  Examining these plots, one 
can see that as the number of bluff body packages increase, the centerline temperatures 
inside the reactor had an obviously increased.  This heat transfer enhancement was visible 
both in pelletized and crushed catalysts, and also both in high and low space velocities.  
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Figure 82: Centerline temperatures versus axial locations for 1 SLHV-M (crushed). 
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Figure 83: Centerline temperatures versus axial locations for 4 SLHV-M (crushed). 
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Pelletized Catalyst, 1.0 LHSV-M
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Figure 84: Centerline temperatures versus axial locations for 1 SLHV-M (pelletized). 
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Figure 85: Centerline temperatures versus axial locations for 4 SLHV-M (pelletized). 
 
Temperature profiles in the radial direction of different experiment configurations are 
presented from Figure 86 to Figure .  These temperature profiles were based on a linear 
assumption between the wall temperature and centerline temperature and programmed in 
LabView software.  Even though the linear assumption is not quite correct to approach 
the temperature gradient, the profiles could still give a rough image of temperature 
distribution inside the reactor tube. 
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Figure 86: 0 Packages Pelletized Catalyst (0P) 
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Figure 87: 2 Packages Pelletized Catalyst (2P) 
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Figure 88: 4 Packages Pelletized Catalyst (4P) 
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Figure 89: 6 Packages Pelletized Catalyst (6P) 
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Figure 90: 8 Packages Pelletized Catalyst (8P) 
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Figure 91: 0 Packages Crushed Catalyst (0C) 
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Figure 92: 2 Packages Crushed Catalyst (2C) 
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Figure 93: 4 Packages Crushed Catalyst (4C) 
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Figure 94: 6 Packages Crushed Catalyst (6C) 
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Figure 95: 8 Packages Crushed Catalyst (8C) 
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From the temperature profiles shown above, a cold region of around 190˚C (374˚F) to 
200˚C (392˚F) (blue color region) was formed at the centerline of the reactor in the zero 
package experiment configuration.  When increasing the number of bluff body packages, 
one can easily see that for pelletized catalyst this cold region shrank and the cold color 
became green which means the temperature raised to around 210˚C (410˚F).  For the 
crushed catalyst run, even though the blue color of cold region did not turn completely to 
green, the size of the cold region did shrink noticeably from zero package to eight 
packages. 
 
Reformate Concentration Enhancement 
The reacted species were routed to a gas analyzer to analyze its composition after passing 
through the reactor and a condensing unit.  Figure  shows the hydrogen volume 
concentration as a function of space velocity at different bluff body package numbers 
with crushed catalyst.   
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Figure 96: hydrogen dry vol. conc. with different package numbers using crushed catalyst. 
 
Figure  shows an increasing trend of hydrogen concentration from zero packages (0C) to 
8 packages (8C).  If we only look at 1.0 LHSV-M, the concentration increase was not 
very significant.  This is because these five experiment configurations running at 1.0 
LHSV-M all had a fuel conversion above 99.5%, thus the conversion did not give a 
remarkable improvement relating directly to the hydrogen concentrations.  Plots of 
carbon monoxide volume concentrations also yield the same trend as shown in Figure 97.  
 98 
This is because more methanol fuel converted, and more carbon monoxide was produced 
as expected.  It is interesting to note the small decrease of carbon monoxide concentration 
compared to the large increase of hydrogen concentration between 6C and 8C.  A 
possible explanation for this phenomenon is that there might be more exothermic water-
gas-shifted reactions happening in the 8C run producing more hydrogen and less carbon 
monoxide because the reactant passage way was elongated inside the catalyst bed.  
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Figure 97: carbon monoxide dry vol. conc. with different package number using crushed catalyst. 
 
Power Consumption Enhancement 
Power draw of the heater bands attached on the reactor is shown in Figure 98 and Figure 
99. It is important to note that due to the inconsistency of data acquiring time intervals, 
the values shown in the figures are not in the power unit of Watts but energy per time.  
But the plots still can give a comparison of power draw using different bluff body 
package numbers.  
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Figure 98: power draw at different space velocity and package numbers with pelletized catalyst 1. 
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Figure 99: power draw at different space velocity and package numbers with crushed catalyst 2. 
 
Figure 98 and Figure 99 show that power consumed by the heater bands on the reactor 
increased as more bluff body packages were added.  This result is expected as more 
endothermic reforming reaction took place at higher package numbers and higher fuel 
conversion.  Therefore, the power demand is not significantly affected by introducing 
bluff bodies inside the reactor.  However, if the overall reactor efficiencies are calculated 
and compared a 5% efficiency increasing is gained by increasing the bluff body packages 
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from two to eight.  The reactor efficiencies of 2P and 8P at four space velocities are 
tabulated in Table 11. 
 
Table 11: Reactor efficiency at high and low package density with different space velocity. 
 Reactor Efficiency (%) 
LHSV-M 2P 8P 
1.0 58.9 64.5 
2.0 63.9 68.5 
3.0 57.1 62.2 
4.0 51.5 56.3 
 
Acoustic Enhancement and Steam Reformer Transient Response 
 
Acoustics have been proven as a method to increase steady state conversion in an active 
manner by changing the flow field characteristics [1]. This active method was also 
confirmed and tested in this project. Specifically experiments were performed to test the 
effect of the enhancement method on the transient response of steam reformation.  In that 
the acoustics of the reactor varies slightly each time the catalyst bed housing is packed, 
the dominant frequencies were revaluated for each catalyst packing. Figure 100 shows an 
example of the transfer function magnitude vs. frequency for the reactor during reduction. 
Figure 101 shows the transfer function magnitude vs. frequency for the reactor during the 
reformation of coal-derived methanol.  
 
 
Figure 100: Transfer function magnitude of catalyst bed housing while reducing catalyst 
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Figure 101: Transfer function magnitude of catalyst bed housing while reforming coal-derived methanol 
 
During reduction the catalyst bed is heated to 200
o
C (392
o
F) and is filled with 98.5% 
nitrogen, and 1.5% hydrogen by mass. While reforming the catalyst bed is at a 
temperature of around 260
o
C (500
o
F), and is filled with hydrogen, carbon monoxide, 
carbon dioxide, methane, as well as unreacted water and methanol. It is clear that the 
peak between these two operations shifts in frequency due to an increase in temperature 
and a change in the gas composition by a comparison of the plots below. 
 
 For the catalyst bed housing used the dominant mode frequency for the case of the 
chemical grade methanol was 1935 Hz while reforming. When the coal-derived methanol 
was used the dominant mode frequency was found to be 1898 Hz. During operation the 
temperature and gas compositions do fluctuate. To optimize the influence of the acoustic 
enhancement a feed back control system would be required to periodically recalculate the 
optimal frequency and adjust the input.  
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Figure 102: Frequency response of the Atlas PD-60A Driver (Courtesy of Atlas) 
 
In addition to variances in the changing condition of the catalyst bed there is a limitation 
to the response that can be achieved by a swept sine from the driver while determining 
the dominant modes. Figure 102 presents the frequency response of the compression 
driver indicating that tones below 200 Hz, and above 50000 Hz will be produced with 
less power. Although there is a limitation as to the range of the modes that can be 
examined it is not believed that tones outside of this range would yield higher sound 
pressure levels.  
 
CONVERSION DATA  
The primary output from the experiments was the fuel conversion. The fuel conversions 
calculated from the transient experiments are tabulated below in Table 12 along with the 
overall averages and standard deviations. After completion of the initial experiments 
using the chemical grade methanol it was determined that four data points was not 
necessary and thus for all remaining reformer settings only three points were collected.  
 
Table 12: Conversions of transient experiments 
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As expected we see higher standard deviations for the coal-derived methanol, which is 
attributed to higher rates of degradation. However, it is apparent that the addition of 
acoustics to the reformer resulted in greater overall conversion, and created less deviation 
in the case of both fuels most likely due to lessened thermal gradients. The statistical 
accuracy of the measured conversions was derived using the student-t distribution. The 
95% and 99% confidence range was calculated using Equation 11, where C% is the 
percent conversion tv,p is the student-t distribution, and Sx is the standard deviation.  
 
xpv StCC ,%% ±=                                                      (Equation 11) 
 
Results of the two confidence levels for the transient experiments can be seen in Table 13 
below.  
 
Table 13: Statistical accuracy of transient experiments 
 
 
As stated previously in order to provide a comparison for improvements in the transient 
response steady state runs were performed to yield a base line of comparison. It was 
expected that the steady state conversions at a flow rate of 2.5 ml/min would be 100%. 
Two runs were performed at a flow rate of 2.5 ml/min without acoustics and verified this 
assumption. The addition of acoustics can only improve the process so no further runs 
were performed. A series of runs using a flow rate of 7.5 ml/min with each of the fuels, 
and at each of the various acoustical settings were performed. The conversions derived 
from the steady-state experiments as well as their collected averages and standard 
deviations are displayed below in Table 14.  
 
Table 14: Conversions of steady state experiments at a flow rate of 7.5 ml/min 
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There was a severe and unexplainable drop in the conversion of the chemical grade 
methanol with 30 Watts of acoustical power. Runs two through four were taken directly 
after one another as dictated by the randomization of experiment order. It is possible that 
this drop is due to a sound pressure level drop in the reactor brought on by a shift in the 
catalyst bed. The statistical accuracy of the measured conversions of the steady-state 
experiments was also calculated using the student-t distribution as described above. The 
results of the accuracy calculations can be seen in Table 15 below.  
 
Table 15: Statistical accuracy of steady state experiments 
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Table 16: Calculation of the ratio of variance of conversion to standard deviation for transient experiments 
 
 
 
After evaluating the standard deviation and statistical accuracy of the steady state and 
transient conversion data the validity of the data was questioned due to a larger standard 
deviation than had been expected. Chauvenet’s criterion was thus used to test the validity 
of the measured data. The criterion specifies that a reading may be rejected if the 
probability of obtaining the particular deviation from the mean is less than 1/2n, where n 
is the number of data samples. For the data series where four data points were collected 
the ratio of the maximum acceptable deviation to standard deviation is 1.54, and for three 
data point sets that ratio would be 1.38. Table 16 shows the calculated ratios of the 
variance in the percent conversion from the mean to the standard deviation (di/σ) for the 
transient experiments. 
 
TRANSIENT RESPONSE EVALUATION  
 
To provide a baseline of comparison for the transient response an approximated average 
conversion that would be expected from a perfectly responding reformer was calculated. 
This was done for each of the acoustical and fuel purity settings using Equation 11 the 
baseline data presented above, where t is the time between changes in flow (10 min),
 
 
is the percent conversion at a steady state flow rate of 2.5 ml/min for each of 
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the individual acoustical settings (determined to be 100%), and 
 
is the percent 
conversion at a steady state flow rate of 7.5 ml/min for each of the individual acoustical 
settings (taken from Table 3).  
 
These idealized conversions are displayed in Table 17 where the difference between the 
idealized conversions and the actual conversions is also tabulated. It was expected that 
the difference between the actual and idealized averages would decrease incrementally as 
acoustical power was added. However, from the data presented below this is not the case. 
 
 
Table 17 Comparison of actual conversions to idealized conversions 
 
 
Improvements in the transient response of steam reformers was identified as an important 
goal that will aid in bridging the gap between traditional IC engine and fuel cell power. 
The use of acoustic pressure waves as a method of enhancing transient response time was 
investigated. In order to evaluate the improvement gained an adapter was fitted to the 
bottom of a catalyst bed housing which connected an acoustic compression driver to the 
system. The flow rate of the reformer was varied from 2.5 ml/min to 7.5 ml/min as a 
square wave with a period of 20 minutes. The frequency of the dominant standing wave 
was determined and introduced into the reformer at two different power levels. Fuel 
purity was also evaluated to determine if methanol derived from coal would have varied 
transient effects. The data collected evaluated the response by a comparison of averaged 
conversion over two cycles, which was then compared to the calculated average 
conversion of a perfectly responding reformer. In addition to an evaluation of the 
conversions, analysis of the catalyst bed temperature fluctuations was made.  
 
The addition of a resonating acoustic standing wave proved to enhance overall 
conversion of the fuel, but was inconclusive with respect to an increase in transient 
response for either methanol grade. However, an analysis of the temperature fluctuations 
inside the catalyst bed shows lessened thermal gradients across the diameter of the 
catalyst bed indicating an increase in the heat transfer rate coefficient. Upon further 
analysis of the temperature readings of the exterior and interior catalyst bed walls it was 
determined that the temperature slope set point of the control scheme was limiting the 
heat flux into the catalyst bed thus hindering the improved response that was expected.  
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From the data collected it is evident that the addition of a resonating acoustic wave inside 
of the catalyst bed of a steam reformer does result in increased heat transfer and thus 
should shorten the time constant of the transient response. Although the acoustic 
enhancement causes an increase in heat transfer it is important that the temperature 
control scheme of the steam reformer be adjusted to take full advantage of the 
improvement. The experiments utilizing coal-derived methanol showed a similar 
transient response to that of the chemical grade methanol. There were larger temperature 
fluctuations observed inside the catalyst bed during the experiments with coal-derived 
methanol, and an increased rate of catalyst deactivation that made it difficult to show the 
improvements in response time accomplished by the addition of the acoustic standing 
wave.  
 
Steam Reformer Catalyst Degradation with Respect to Temperature 
 
The steam reforming catalyst deactivation data with respect to temperature has been 
collected.  Table 18 shows some interesting trends in catalyst deactivation.  Figure 103 
shows the methanol conversion rate normalized to the amount of catalyst in the reactor. 
Using linear regression, the rate of deactivation was determined.  Figure 104 shows the 
rate of deactivation normalized to the initial rate of conversion.  Based on current data, 
the best operating temperature to maximize catalyst lifetime is around 290C (554o F), 
where the deactivation rate is 0.37% per hour.  Lower operating temperatures increase the 
deactivation rate to 1.35% per hour at 250C (482o F).  Higher operating temperatures also 
increase the deactivation rate, but to a much greater extent.   
 
 
Table 18: Data from catalyst deactivation study 
Conversion after X hours online Temp 
(C) 
Cat (g) Flow 
(ml/min) 0 1.5 3 4.5 6 7.5 
250 14 2.6 88.0% 86.1% 84.1% 82.8% 80.7% 79.1% 
270 13 3.2 83.8% 82.0% 81.2% 80.1% 79.2% 78.0% 
290 5.4 2.6 67.6% 68.6% 69.0% 67.7% 67.8% 65.7% 
310 3.6 2.6 71.5% 69.2% 68.2% 66.4% 65.0% 63.3% 
350 2.7 2.6 65.9% 58.2% 53.0% 48.7% 45.5% 42.6% 
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Figure 103: Change in methanol conversion over time 
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Figure 104: Decrease in catalyst effectiveness at various temperatures 
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The following is the results of additional experiments to further characterize the effects of 
both temperature and flow rate on catalyst deactivation.  
 
Table 19: Experimental conditions 
Temperature 
(°C) 
Catalyst loading 
(g) 
Premix flow rate 
(ml/min) 
210 28.3 2.6 
250 14 2.6 
270 13 3.2 
290 5.4 2.6 
310 3.6 2.6 
350 2.7 2.6 
 
 
 
 
 
 
Table 20: Conversion vs. time online at various reactor temperatures 
 Conversion at given temperature 
Time online (hrs) 210°C 250°C 270°C 290°C 310°C 350°C 
0 61.87% 88.03% 83.79% 67.63% 71.47% 65.86% 
1.5 60.65% 86.05% 82.03% 68.63% 69.21% 58.22% 
3 59.05% 84.12% 81.15% 68.96% 68.16% 53.01% 
4.5 57.84% 82.75% 80.11% 67.66% 66.36% 48.69% 
6 56.20% 80.72% 79.15% 67.83% 64.96% 45.48% 
7.5 56.76% 79.05% 78.01% 65.72% 63.30% 42.56% 
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Table 21: Initial activity and change in activity at different reactor temperatures 
Temperature
(°C) 
Initial activity 
(ml/min premix
per g catalyst) 
Decrease in activity
(ml/min premix 
per hr online) 
Decrease in activity 
relative to initial rate
(%/hr online) 
210 0.06 0.0007 1.20% 
250 0.16 0.0022 1.35% 
270 0.21 0.0018 0.88% 
290 0.33 0.0012 0.37% 
310 0.52 0.0075 1.45% 
350 0.63 0.0292 4.60% 
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Figure 105: Change in activity vs. temperature 
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Figure 106: Relative decrease in activity from initial rate 
 
As expected, initial catalyst activity is highly dependent on temperature. In fact, based on 
these measurements, only 31 grams (0.068 lb) of catalyst should be necessary for full 
conversion at 250°C (482oF) and 5 ml/min (0.169 oz/min) of premix. Compare this to the 
250 grams (0.551 lb) that are required for full conversion in a non-isothermal reactor. 
Furthermore, there is a narrow temperature band where catalyst deactivation is slowest. 
Below the optimal temperature range, deactivation relative to the initial activity is 
somewhat greater. This is likely due to fouling caused by accumulation of carbon 
compounds on the catalyst surface. Above the optimal temperature range, deactivation is 
very much greater. This is likely due to rapid sintering, where the catalyst surface area 
decreases due to agglomeration of metal catalyst particles and degradation of catalyst 
support material. Surface analysis is needed to precisely determine the processes causing 
the deactivation. These initial results emphasize the need for better temperature control of 
the reactor and reduced temperature gradients within the catalyst bed. Further 
experiments in this area will look at the effect of flow rate and reactant/product 
concentration on catalyst deactivation. Additionally, the reactor will be run in differential 
mode in order to collect data suitable for use in a catalyst deactivation model. 
 
As shown in Figure 20, the degradation rate of coal-derived methanol was greater than 
that of chemical grade methanol for both reactors, in terms of fuel.  However, reactor 
geometry apparently has a much greater affect on percent convergence than the affect of 
fuel type.  Even though Reactor B has been loaded with nearly six times more crushed 
catalyst than Reactor C, the degradation rate of Reactor B was much larger than Reactor 
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C.  Consequently, it can be concluded that reactor geometry has a greater affect on 
catalyst aging than fuel impurities. 
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Figure 107: Catalyst degradation both coal-derived and chemical grade methanol for different geometries. 
Steam Reformer Degradation Tests Using Bluff Bodies  
 
For the degradation test using bluff bodies, three categories of tests were completed.  
Reactor geometry was testing using Reactor C with an internal cartridge heater, and 
compared to the results of using Reactor B with bluff body packages.  Steam reformation 
catalyst degradation tests using bluff bodies was completed with both coal-derived and 
chemical grade methanol. 
 
Steam Reforming Geometry  
 
Catalyst degradation tests associated with different reactor geometries were initiated 
using chemical grade methanol, which was compared with similar experiments using 
coal-derived methanol.  This test was performed on Reactor B and included bluff bodies.  
The different geometry of the reactors caused different degradation rates due to different 
heat and mass transfer limitations.  Through this degradation test, we expected to be able 
to construct an experimental degradation matrix in terms of limitations associated with 
different reactor geometry, such as aspect ratio and different zones of the catalyst being 
active within the catalyst bed.  Therefore, this result is extremely important from the 
standpoint of the design of an optimized steam reforming reactor to be used for fuel cell 
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applications.  This experiment was performed using the fixed dependant variables of 
space velocity [2.5(1/hr)] and inlet temperature [250o C (482o F)] in order to allow for a 
comparison with previous degradation results.  At this time, chemical grade methanol 
was used with de-ionized water at a 1.5:1 steam carbon ratio. 
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Figure 108: Catalyst degradation test in Reactor B using bluff bodies 
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Figure 109: Catalyst degradation test in Reactor C using internal cartridge heater 
 
As seen in Figure 108 a -0.1449% per hour degradation rate was shown in Reactor B with 
bluff bodies.  The above results are compared to previous data, which was performed on 
Reactor C with an internal cartridge heater as shown in Figure 109.  The degradation rate 
of Reactor B was almost ten times greater than that of Reactor C even though 250g (.551 
lb) of crushed catalyst [39g (.086 lb) of crushed catalyst loaded in Reactor C] was loaded 
in Reactor B with bluff bodies.   
 
It was confirmed that bluff bodies enhance the steam reforming reaction due to the 
promotion of heat transfer as well as mass transfer associated with passive mixing effects.  
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In other words, passive enhancement mixing using bluff bodies can also increase the 
methanol overall conversion compared to a non-bluff body reactor.  We also confirmed 
that active enhancement of heat and mass transfer using an internal cartridge heater also 
can promote increases in overall conversion as well as decreases in catalyst degradation.  
However, in the degradation test of Reactor B (passive enhancement) showed the 
weakness of degradation compared to Reactor C (active enhancement using the cartridge 
heater).  Reactor B had a larger amount of catalyst than Reactor C thereby also having 
more catalytic active space than Reactor C.  In other words, more reactive space through 
radial and axial directions can lead to the aggravation of heat and mass transfer 
limitations because heat is only supplied from the exterior heat band.  Consequently, even 
though passive enhancement using bluff bodies promotes heat and mass transfer, it might 
not be enough to supply the heat demand in Reactor B for long-term operation.   
 
If bluff bodies were used in a small diameter reactor such as Reactor A, it might have a 
more profound effect than bluff bodies in Reactor B.  In contrast, the heat requirement 
areas for steam reforming reaction of Reactor C were much smaller than those of Reactor 
B because of its diameter and length (aspect ratio).  Furthermore, an internal cartridge 
heater was placed in the center of the reactor so that heat was supplied from both the 
interior and the exterior of the catalyst bed.   
 
In summary, we confirmed that different reactor geometry is a large factor that 
contributes to catalyst degradation.  Better heat and mass transfer through smaller axial 
and radial length can suppress the catalyst degradation rate.  
 
In comparison to catalyst degradation due to the differences in fuel type (fuel cell grade 
vs coal derived methanol) as reported previously, the effect of reactor geometry on 
catalyst degradation far outweighs the effect of fuel type. This is an encouraging result 
for those eager to use coal-derived methanol as a hydrogen feed-stock.  Future work is 
necessary to further quantify the effect of geometry in catalyst degradation. 
Bluff Body Catalyst Degradation With Coal-Derived Methanol 
 
Two 30-hours runs without bluff bodies and one 30-hour run with bluff body packages 
have been taken to compare the catalyst degradation rates.  The fuel conversions versus 
experiment running time are shown in Figures 110 and 111.  Figure 110 indicates the 
catalyst inside the Reactor B without bluff body packages degraded 0.14 and 0.1503 
conversion percents per hour for two runs.  Comparing to the 0.1449 conversion percents 
per hour shown in Figure 111 with eight bluff body packages inside the reactor, the 
experiment result showed that the bluff body packages did not affect the catalyst 
degradation rate. 
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Figure 110: Conversion vs. time without bluff body in Reactor B 
 
 
Figure 111: Conversion vs. time with 8 packs of bluff bodies in Reactor B 
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 Catalyst Degradation Test w/ Bluff Body
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Figure 112: Centerline temperatures at Zone 1 and Zone 2 vs. time, with bluff bodies 
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Figure 113: Centerline temperatures at Zone1 and Zone2 vs. time, without bluff bodies 
 
However, by showing the centerline temperatures at Zone 1 (upstream) versus 
experiment time, the bluff bodies’ effect on catalyst degradation rate can be seen.  The 
catalyst degradation can be represented in the temperature increase of the catalyst due to 
the endothermic nature of the reaction process.  In Figure 112, the slope of the linear 
regression line shows that the temperature increase rate at Zone 1 of the condition with 
bluff bodies is 0.2995°C per hour.  In Figure 113, the average temperature increase rate 
of the two runs is 0.1897°C per hour (0.2055 and 0.1739 °C/hr respectively).  This result 
shows that the bluff body experiment had a higher temperature increase rate, which 
implies a higher catalyst degradation rate. 
 
The catalyst degradation might not be shown in the conversion vs. time chart because the 
catalyst degradation starts from upstream in the reactor.  As time goes by, the degradation 
moves downstream inside the reactor, but the overall catalyst reforming capacity still 
overrides the catalyst degradation level.  
Bluff Body Catalyst Degradation With Chemical-Grade Methanol 
 
A 30-hour run with a premix flow rate of 12.5 ml/min (2.5 LHSV-M) was conducted 
using chemical-grade methanol and eight bluff body packages. The fuel conversion vs. 
running time data was collected and shown in Figure 114, along with the results from the 
coal-derived methanol. 
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Figure 114: Fuel conversion percentage vs. running time with and without bluff bodies using chemical-
grade methanol (CGM) and coal-derived methanol (CDM) 
 
The initial fuel conversion of coal-derived methanol was larger than that of chemical 
grade methanol due to different hydrocarbon concentrations in the two methanol fuels.   
As expected, the degradation rate for coal-derived methanol (-0.1765 %/hr with blue line) 
is larger than that for chemical grade methanol (-0.1449 %/hr gray line).  
Table 22 shows the degradation rates for the two methanol fuels and reactor geometries: 
Table 22: degradation rates (conversion % per hour) with different methanol fuels and reactor geometries 
 Chemical Grade 
Methanol 
Coal Derived Methanol 
Reactor B (0C) -0.1452 N/A 
Reactor B (8C) -0.1449 -0.1765 
Reactor C (internal cartridge heater) -0.02196 -0.1065 
 
The data showed the degradation rate of Reactor B loaded with eight bluff body packages 
was 6.6 times larger (0.1449/0.02196) than the degradation rate of Reactor C with 
chemical grade methanol.  The degradation rate of Reactor B (8C) using coal-derived 
methanol was 1.2 times (0.1765/0.1449) greater than Reactor B (8C) using chemical 
grade methanol.  Again the reactor geometry was demonstrated to outweigh the fuel 
option effects on catalyst degradation. In contrast, the fuel option had a larger effect on 
the degradation rate (0.1765/0.1449=1.22) of Reactor (8C) than that of bluff bodies 
(0.1452/0.1449=1.002) on Reactor B.  
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In Figure 115, the centerline temperature inside the reactor again shows the catalyst 
degradation rate difference between CGM and CDM.  
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Figure 115: Centerline temperatures vs. running time at different axial positions with 8 packs of bluff 
bodies using CGM and CDM. 
 
The red lines represent the data trend line for coal-derived methanol and the blue lines 
represent the data trend lines for chemical grade methanol. As expected, the slopes of the 
red lines at Zone 1 and Zone 2 are about 1.5 to 2 times greater than that of the blue lines. 
This again indicates that the higher hydrocarbon concentrations in the coal-derived 
methanol might cause a faster deactivation rate compared to chemical grade methanol. 
 
The experiment with reactor B (0C) using coal derived methanol will be taken in the 
future to give a more comprehensive comparison among the effects of different methanol 
fuels and reactor geometry.  Additionally, the reactor operating temperature is expected 
to have an important influence on degradation rate.  To investigate the effect, the set-
point temperature will be set at a higher value. 
Optimization of Bluff Bodies for Steam Reformation 
 
It was expected that the ring’s inner diameter and disk’s diameter of a ring-disk bluff 
body set could largely affect the stream pathway in the packed bed.  Therefore, in this 
experiment different bluff body sizes were tested to investigate the relationship between 
bluff body geometry and fuel conversion. Two other sizes (BB1 &BB9) of ring-disk bluff 
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body sets were manufactured with different inner ring and outer disk diameters tabulated 
in Table 23 and plotted in Figure 116. 
Table 23: Configuration of different size ring-disk bluff body set 
Experiment Configuration I.D. of Ring (mm)  Dia. of Disk (mm)  
BB1 Small  Large 
BB5 (original experiment) Medium Medium 
BB9 Large Small 
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To understand which component of bluff body set (disk or ring) plays the main 
mechanism in bluff body enhancement, the following experiments is going to test using 
only disks and/or only rings inside the catalyst bed to analyze its performance.  
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Figure 117: Fuel conversion versus space velocity for different sizes of ring-disk bluff body set 
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Figure 118: Centerline temperature profile in axis direction for different sizes of ring-disk bluff body set 
 
 
Passive Heat Transfer Enhancement 
  
One of the greatest challenges in methanol steam reformation is overcoming the heat 
transfer limitations associated with the endothermic reaction.  The large temperature 
gradients formed along the reactor walls should be ideally decreased as much as possible.  
Passive mixing and internal heating elements are two methods that have been 
investigated to reduce the large temperature gradients typically occurring the reactor.  
The use of bluff bodies has significantly improved heat transfer and the current research 
is shown in other sections.  A swirl tape enhancement is the second passive enhancement 
studied so far and is included in this section.  The results from internal heating elements 
on a small reactor, Reactor C, are shown bellow.     
 
Internal Heating Elements 
 
From a quick observation of the results shown in Figure 119, conclusions can be made 
about heat transfer enhancement and percent conversion.  Reactor C, loaded with crushed 
catalyst, obviously reached greater conversion than Reactor A, loaded with pelletized 
catalyst.  In the lower flow rate case, Reactor A, loaded with crushed catalyst, had better 
conversion than Reactor C.  However, after around 0.0025 contact time, the conversion 
of Reactor C showed much greater conversion percentage than Reactor A.  . 
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Figure 119: Conversions of methanol in case of Reactor A and Reactor C 
 
Heat and mass transfer limitations are well-known drawbacks occurring from hydrogen 
production via steam reformation.  The endothermic nature of the reformation can  
develop severe thermal gradients inside the reactor.  For example, when LHSV-M 
increased, the cold region along the centerline increased in length, as shown in Figure 
120.  
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1.02-LHSV-M 99.8%  2.05 LHSV-M 98.65%   3.07 LHSV-M 92.71%  4.09 LHSV-M 89.39% 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 120: Temperature profile in the Reactor A with pelletized catalyst 
 
 
Thermal and concentration gradients also developed proportionally inside Reactor A.  
The concentration of hydrogen is much greater along the reactor centerline due to the 
endothermic nature of methanol reformation and heat is supplied externally from outside 
the reactor.  For the 1 and 2 LHSV-M cases, the centerline temperature become closer to 
the wall temperature after Zones 3 and 4, respectively.  The previously described result 
occurred from mass transfer.  In the 1 LHSV-M case, the centerline temperatures of 
Zones 6 and 7 are much hotter than the inside of the wall.  Hydrogen mass transfer (i.e. 
products) due to the hydrogen concentration gradients in the reactor caused this result, 
because mass transfer can directly affect heat transfer.   
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Figure 121: Averaged temperatures of different zones in Reactor C 
 
As shown in Figure 121, the higher flows affected the internal cartridge heater 
temperature.  To maintain a temperature difference of less than 5 Co between the inside 
wall and centerline, the internal cartridge heater set-point temperature was intentionally 
increased as LHSV-M was increased.   
 
Swirl Method 
 
In this investigation, a swirl tape used as a pathway disturber placed inside catalyst 
packed Reactor B was carried out to test the enhancement ability in steam reforming 
processes. The swirl tape was constructed using a 316 stainless steel sheet and twisted 
one half revolution. The schematic of the swirl tape inside catalyst packed is shown in 
Figure 122. 
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Figure 122: Schematic of 0.5 revolution swirl tape inside reactor bed 
The other experiment conditions were set identically as the bluff body run for 250 grams 
of crushed FCRM-2 steam reforming catalyst using chemical grade methanol.  
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Figure 123: Fuel conversion versus space velocity for experiments with (black) and without swirl tape 
(pink)  
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Figure 124: Centerline temperature profile in axial direction 
It was expected that the swirl tape could create an outward component flow in radial 
direction to bring the stream to the hot wall zone, thus enhancing the fuel conversion. 
However from the experimental results displayed in Figure 123, the fuel conversion 
increased by about one percent.  This increase is not considered significant. In Figure 
124, even though the swirl tape helped conduct heat into the centerline of the catalyst 
bed, the increased heat transfer might not be large enough assist the endothermic reaction 
occurring near the centerline. Moreover, one half-swirl revolutions swirl was too small 
and downward stream velocity was not large enough to force the stream flow outward in 
the radial direction to the hot wall region.  
 
 
Autothermal Reforming of Coal-Derived Methanol 
 
Autothermal reforming of Coal derived methanol has taken place. The catalyst was 
wrapped with insulation and placed at Zone 4 of the ATR reactor as shown in Figure 125. 
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Figure 125: Location of monolithic catalyst inside ATR reactor 
 
Different gas hourly space velocities (GHSV) were applied based on different O2/C 
ratios.  The GHSV and O2/C ratio were calculated via the developed ATR model, which 
uses the premix flow rate and airflow rate into the reactor and the operating pressure of 
the experiment as inputs.  Since the premix used for the experiment was fixed with a 
steam/carbon ratio with 1.5:1, the carbon mole number was fixed through out the 
experiment run by fixing the premix flow rate into the ATR reactor.  By changing the 
airflow rate into the reactor, the O2 mole number was increased thus the O2/C ratio 
increased.  As shown in Figure 126, as GHSV and O2/C ratio increased, methanol percent 
conversion was linearly increased.  
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Figure 126: Autothermal reforming of coal-derived methanol varying O2/C ratios at a flow rate of 
8.5ml/min 
 
The O2/C ratio was increased up to 0.4 causing the catalyst to sinter, because higher O2 
can bring higher temperature caused by combustion of O2 and CH3OH.  
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Figure 127: Temperature profile inside the urban catalyst at different locations (O2/C=0.2) 
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Light-off was confirmed by the end-cap thermocouples located inside the catalyst as seen 
in Figure 127.  Light-off occurred near the top surface of the catalyst.  The temperature 
was increased from 250 Co (482o F) to 500 Co (932o F) at the top surface.  In the middle 
and bottom zones of the catalyst, the temperature was increased less than approximately 
150 Co (302o F) due to endothermic reaction.  In other words, heat generated from light-
off was consumed for the steam reforming reaction as well as methanol decomposition 
inside the catalyst.  That is why the temperature decreased at each end cap location.   
 
Figure 128 represents the methanol conversion associated with different O2/C ratios.  The 
conversion of methanol using urban catalyst located at Zone 4 was higher than when it 
was placed at Zone 1.  This indicates that mixing effects of fuel with oxygen should be 
significantly considered especially for ATR experiments.  These preliminary results can 
lead us to find the optimal location of catalyst placement to enable complete mixing in 
our ATR reactor.  Catalyst placement in different reaction zones will be repeated to 
compare with the current initial results 
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Figure 128: Methanol conversion associated with different O2/C ratio 
 
Figure 129 represents hydrogen concentrations at O2/C ratios of 0.2 and 0.25. SR 
hydrogen concentrations that have been performed in the lab are consistently above 70%.  
However, due to the combustion wave from the oxygen and fuel, hydrogen 
concentrations fluctuated ±10% from the average in ATR. Better stability was achieved 
by tighter control of the vaporization elements.  Moreover, ATR hydrogen concentrations 
were always below 50%, because nitrogen from the air, which is left after combustion, 
dilutes the gas concentration.  A portion of fuel is also used up for combustion in order to 
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sustain a deflagration wave.  As expected, Zone 4, which has a greater mixing area for 
the fuel and oxygen, shows much higher concentrations of hydrogen than Zone 1 in the 
case of O2/C = 0.2.  At 0.25 O2/C, the difference of hydrogen concentrations decreased 
because the increment of oxygen flow rate as well as partial pressure of oxygen gases 
enhances the mixing of the fuel with oxygen. 
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Figure 129: Hydrogen concentration differences for variance in O2/C ratios and zones 
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Figure 130: Averaged hydrogen concentration differences for variance in O2/C ratios and zones 
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Figure 130 represents the averaged hydrogen concentration differences in the case of 
varying both O2/C ratio and zone placement of the catalyst.  Theoretically, the optimal 
O2/C ratio in the case of equilibrium is around 0.23.  There is always the possibility of 
carbon formation below 0.2 O2/C ratio. Mixing effects should be considered to find out 
the optimized O2/C because maximum averaged hydrogen concentration at different 
zones shifted a little bit left when the catalyst moved from Zone 1 to Zone 4.  In the case 
of Zone 1 placement, the averaged maximum hydrogen concentration was shown at an 
O2/C of around 0.275.  For Zone 4 placement, the averaged maximum hydrogen 
concentration was shown around 0.25 O2/C.  Therefore, the effects of mixing fuel with 
oxygen can significantly affect the overall efficiency of ATR. 
 
Autothermal Catalyst Degradation  
 
The reduction catalyst (upstream catalyst) of a three-way catalytic converter has been 
used for autothermal reformer degradation tests. The size of reduction catalyst (upstream 
catalyst) is 1.4” diameter and 1.45” Length. This catalyst is mainly composed of platinum 
and rhodium.  Both chemical grade and coal-derived methanol was used for this 
autothermal reformer degradation test. O2/C and S/C ratio are adapted at 0.21 and 1.5 
respectively. Reactor inlet temperature was maintained at approximately 250oC.  As 
shown in Figure 131, when air valve is opened, fuel with air initially lights off at the top 
of catalyst in much less than 1 minute.  The catalyst light off is noted by the large 
increase in catalyst temperature from 250oC to 600 oC. 
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Figure 131:The Initial Light-Off inside the ATR reactor 
The top of the catalyst observed temperature fluctuations due to rich fuel combustion and 
lean fuel combustion cycles originally caused by fuel vaporization cycles.  As shown in 
Figure 132, even though reactor temperature exit (Red) stayed between 249.5Co and 
251.5Co, it made the fluctuation of light-off temperatures over 300 Co.  Increasing 
temperature of the vaporizer 1 exit (yellow) indicates rich fuel region. Similarly, a 
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decreasing temperature of vaporizer 1 exit represents lean fuel region due to less fuel 
vaporized. The top of the catalyst temperature variations matches well with vaporizer 1 
exit temperature variations. The fuel vaporizes using an internal cartridge heater by 
turning on and off cyclically.  When the heater in vaporizer 1 is turned on, a burst of 
methanol vapor is released until the heater is turned off.  The concentration of methanol 
vapor varies while the air flow rate is constant.  This was not as much of a problem for 
steam reformation because maintaining a specific O2/C ratio was not relevant.  This 
problem was corrected for degradation tests because it could lead to sintering of catalyst.  
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This temperature fluctuation lead to the hydrogen concentration change shown in Figure 
133. Hydrogen concentration variation matches well with the temperature fluctuation 
between the top and the middle catalyst. This means that the dominant area of hydrogen 
production is located between the top and the middle of the catalyst.  Note that better 
control of the vaporizers lead to better stability in the ATR temperature and 
corresponding species concentrations in subsequent tests including the long term 
degradation tests. 
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Figure 133: Hydrogen Concentration Change with temperature fluctuation 
 
Furthermore, heat was consumed for the steam reforming reaction.  The average 
temperature difference between the middle of catalyst and top of catalyst is around 
200Co.   
 
After fixing the temperature stability problems, catalyst degradation tests for autothermal 
reformer have been performed at 0.21 O2/C and 1.5 S/C ratios. 
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Figure 134 : Autothermal reformer degradation test for both methanol fuels 
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The conversion starts at different points as shown in Figure 134.  This conversion 
difference between coal-based and chemical grade methanol might come from the 
difference in the reduction of the catalyst.  The conversion of chemical grade methanol 
did not change for 30 hours. However, the conversion of coal-derived methanol was 
slightly decreased. To verify the autothermal reformer degradation test, a 2nd round of 
autothermal degradation tests were performed with temperature stabilization and a higher 
grade catalyst. 
 
Autothermal Reformation With Bluff Bodies 
 
Chemical grade methanol at a steam to carbon ratio (S/C) of 1.5:1 was used as the fuel 
and tested at different oxygen to carbon ratio to examine corresponding fuel conversion. .  
The GHSV range was 21083 to 21570 [h-1] for the reactor condition of 250 C and 0.1 
MPa.   The liquid flow rate was set at 9.95 ml/min (H2O: 4.0 ml/min and MeOH: 
5.95ml/min). Water and methanol were separately vaporized before entering to the super 
heater. The catalyst was taken from a catalytic converter intended for use on automobiles 
and termed as low-grade, or urban catalyst. Two experiment runs were carried out 
including the first run without bluff body packages and a second run with bluff body 
packages.  Due to a limited quantity of autothermal catalyst, these two experimental runs 
used a physically identical catalyst without replacing it. The first run (using new catalyst) 
was set without bluff body packages and the second run (using used catalyst) was set 
with bluff body packages. Therefore, catalyst degradation needs to take the previously 
used catalyst factor into account for the conversion difference analysis.   The fuel 
conversion as function of O2/C ratio is shown in Figure 135.  
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Figure 135: Fuel conversion as function of O2/C for runs with and without bluff body  
 
Figure 135 shows that when running at low O2/C ratio (less than 0.25), the experiment 
run with bluff body packages (orange) presented a better fuel conversion than empty 
space (blue). However, when increasing the O2/C ratio the fuel conversion is the same 
between these two runs. This is because at low O2/C ratio, the mixing process can limit 
fuel conversion under a low oxygen environment. When increasing the O2/C ratio, 
increased oxygen flow into the chamber compensates the poor mixing issue at low O2/C. 
Therefore the conversion difference between reformation with and without bluff body 
packages is small. It is necessary to note that catalyst degradation does affect the small 
difference in fuel conversion.  The temperature profiles along the axial direction, between 
low (Figure 136) and high (Figure 137) O2/C ratios, show the mixing issue present in 
partial oxidation temperatures. Axial position 3 represents the temperature right above the 
monolith catalyst and position 4 is located right below the catalyst bed. While at low 
oxygen to carbon ratio (O2/C = 0.2), not enough oxygen is available for mixing (without 
bluff body) forming a fuel rich state resulting in a lower oxidation temperature. After 
introducing bluff body packages, the temperatures after position 3 were largely increased. 
At high oxygen to carbon ratio (O2/C = 0.4), the temperature increase between with and 
without bluff body experiment runs is not obvious.  
 
 
 137 
O2/C=0.2
200.00
250.00
300.00
350.00
400.00
450.00
500.00
0 1 2 3 4 5 6
Axial Position
Ce
nt
er
lin
e 
Te
m
pe
ra
tu
re
 (C
)
Z4 w/3BB 
Z4 w/o BB
 
Figure 136: Temperature profile at low O2/C ratio 
O2/C=0.4
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Figure 137: Temperature profile at high O2/C ratio  
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The Effect of Catalyst Dimension on Steam Reforming 
 
The experimental configuration of a smaller catalyst dimension (referred to as powdered 
catalyst) with eight packages of bluff bodies was tested to investigate the effect of 
catalyst dimension.  More specifically the relationship between catalyst diameter and its’ 
effect on methanol conversion rate due to increased mass transfer was investigated. A 
powdered catalyst experiment data run without bluff body packages was also collected.  
A complete data set, which compares the catalyst dimension and bluff body’s effects on 
steam reforming process, is shown in Figure 138 and Figure . 
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Figure 138: Catalyst Comparison without Bluff Bodies 
 
The results from Figure 138 show that the powder catalyst can increase the methanol 
conversion by almost 10 % over crushed catalyst, and 20% over pelletized catalyst at 4.0 
LHSV-M.  Figure  doesn’t show the dramatic increase in conversion over crushed or 
pelletized catalyst, but approximately shows a 15% increase over powder catalyst without 
eight bluff body packages.  The conversion rate can be 94% at 3.75 LHSV-M.  The 
pelletized catalyst case without bluff bodies had a 58% conversion at 4.0 LHSV-M. 
 
During the powder catalyst experiment with eight packages of bluff a pressure drop up to 
50 psi was created across the catalyst bed.  The micro pump’s flow rate was affected by 
the back pressure since it can handle a maximum of 50 psi pressure difference, and would 
prefer 30 psi or less.  Therefore, the LHSV-M (2.5, 3.0, 3.5, 4.0 LHSV-M) run needs to 
be re-corrected based on the mass of premix used instead of the flow rate shown on the 
micro pump. From these two figures, the effects of catalyst dimension and bluff body 
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seems to couple together due to mass and heat transfer enhancement. This shows the 
importance of the diffusion limitation in reforming methanol.  If expecting to maximize 
the conversion one must have as small a catalyst particle as possible. A further data 
analysis and theory investigation is planned for the following quarter based on these 
experiment results. 
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Figure 139: Catalyst Comparison with Bluff Bodies 
 
Transient Characteristics of Autothermal Reforming 
 
To optimize the methanol to hydrogen pathway via autothermal reformation, fundamental 
studies such as light-off (transient behavior) and the effects of steam to carbon and 
oxygen to carbon ratios should be investigated.  Heterogeneous catalytic combustion 
light-off is a function of inlet gas temperature and oxygen to carbon ratio. As shown in 
Figure , Zone 3L and Zone 4L indicate the centerline temperatures above the monolithic 
catalyst surface.  Heat loss due to radiation from the oxidation region is significant for 
autothermal reformation.  To reduce radiation loss, an inert material was inserted into the 
autothermal reformer.  A 1.0 inch long, circular monolithic material, mainly composed of 
Al2O3, was used as the inert material for the tests and was located above the autothermal 
catalyst surface.  As shown below in Figure , the circle plot indicated the average 
temperatures without inert material and the triangular plot represents the average 
temperatures with inert material used as a radiation shield.  Radiation heat loss from the 
catalyst surface propagates opposite the gas flow direction.  The radiation causes the 
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Zone 4L temperature to increase suddenly after light-off for a 0.22 oxygen to methanol 
ratio, with and without inert material.  The inert material plays several important roles.  It 
acts as a heat sink and radiation shield as well as increases mixing between fuel and air.  
The catalyst surface temperature with inert material was much higher than without inert 
material, even at lower O2/MeOH ratios.  Figure  shows the temperature of Zone 3L with 
inert material to be constant over the O2/MeOH ratio (triangles) compared with the 
temperature of Zone 3L without inert material (circles). 
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Figure 140: Average temperature catalyst surface and above catalyst surface in case of with inert 
material (Triangles) (Radiation Shield) and without inert material (Circles) 
 
At O2/MeOH ratio equal to 0.27 without inert material, radiation losses from catalyst 
surface and heat generation by fuel combustion is balanced so the oxygen to methanol 
ratio would have greater autothermal reformation efficiency than other O2/MeOH ratios. 
If the O2/MeOH ratio is increased, fuel consumption by the oxidation reaction increases 
and likewise heat generation via fuel oxidation increases. The results show that catalyst 
surface temperature without inert material is close to the catalyst surface temperature 
with inert material at O2/MeOH ratios equal to 0.27. Consequently, a 0.27 O2/MeOH 
ratio would be the optimal operating condition in the case without inert material. On the 
other hand, a 0.22 O2/MeOH ratio could be the optimized operating condition with inert 
material. Gas analysis is needed to confirm the effect of the inert material.  The lower 
O2/MeOH ratio would reduce the fuel required to exothermic reaction, and increase the 
overall reaction efficiency.  Figure  shows the methanol conversion rate jumps up to over 
99% from around 90% at O2/MeOH ratios of 0.22 and greater.  The results show that 
enough heat can be generated from fuel oxidation to support the endothermic steam 
reforming reaction.   
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Figure 141: Conversion versus O2/MeOH in case of without inert material and with inert material 
 
 
Rich and Lean Autothermal Reformation Startup 
 
To examine the effect of O2/MeOH ratio on autothermal reformation transients two 
different ATR startup process which are fuel rich and fuel lean startup can be defined. In 
the case of fuel lean startup, premix vapor (~250Co) flows into the reactor one minute 
after hot air (~250Co) was introduced so fuel can be oxidized in an air rich environment. 
On the other hand, in the case of fuel rich startup, air was introduced into the reactor one 
minute after premix fuel gas enters the reactor so oxidation takes place in a fuel rich 
environment.  As shown in Figure , end cap temperatures indicates monolithic catalyst 
top surface temperature, Zone 3L and Zone 4L indicate the centerline temperatures above 
the monolithic catalyst upper surface. Fuel lean startup shows higher temperature during 
transient warm-up time when compared with fuel rich startup.  The transient time of lean 
fuel start up is shorter than that of fuel rich startup. The results mean that fuel lean startup 
would be preferred over fuel rich startup in that deposited components on the surface of 
catalyst, such as carbon, can be burnt off during a fuel lean startup process.  Removing 
the deposits off the surface of the catalyst could improve catalyst activity, and reduce 
catalyst degradation.   
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Figure 142: ATR Transient Rich Fuel Start up versus Lean Fuel Start Up at O2/MeOH=0.22 
 
Autothermal Reformation Degradation with Coal-Derived Methanol 
 
It was confirmed that autothermal reforming of coal-derived methanol has lower 
degradation rates than steam reforming of coal-derived methanol due to the higher 
operating temperature attained in autothermal reformation.  Some of problematic 
chemical compounds found in coal-derived methanol can react with oxygen and can be 
also volatized rather than deposit on the surface of catalyst.  Consequently, no 
degradation was observed during a 30 hour autothermal reforming degradation test.  
 
However, such a high operating temperature might increase the thermal stress during 
startup and shut down process. Continuous steady state catalyst degradation test might 
not be a suitable test for ATR degradation for coal-derived methanol. Therefore, a new 
catalyst degradation test will be implemented for autothermal reformation degradation.  It 
will consist of 60 startup and shut down processes during a 100 hour degradation test.  
The test has been initiated at 0.27 O2/MeOH and lean fuel startup process. These results 
will be compared with the results of steam reforming methanol.  
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Reformate Purificiation System 
 
The new clean up system has been tested on the steam reforming system using Reactor B. 
Several challenges were encountered during the test including the uncertainty of the 
LHSV-M and the fluid’s vaporizing characteristics in the pressurized reactor 
environment.  Because the overall system operates under relatively high pressure (up to 
200 psi), a high-pressure liquid and a differential pressure between the inlet and outlet of 
the micro pump can affect the gear pump flow rate.  This causes uncertainty in the 
LHSV-M while trying to maintain a fixed experimental condition.  The LHSV-M value 
used in the original system depends on the flow rate set to the micro pump (or the mass of 
premix used during the run time).  However, in the clean up system, it has become 
difficult to measure the mass of premix used for every experimental run.  An alternative 
way to calculate the LHSV-M can be done by measuring the mass and the density of 
condensate for a given run time when methanol conversion can be confirmed for a certain 
value.  The accuracy of this method can be affected by the condenser’s working ability.  
By comparing the calculated LHSV-M values using this method and the previous 
method, the off set error is within 0.1 LHSV-M.  To use this new method, the methanol 
conversion has to be confirmed; therefore, the experiment is run at low flow rates to 
make sure a 99% conversion is achieved.  The 99% conversion at low flow rates is based 
on previous results.  
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Figure 143: Temperature Profile of Reactor B with High Pressure using Ambient Pressure Set Points 
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New temperature set points for the three-stage vaporizer and super heater need to be 
determined for the pressurized system.  Figure  is the temperature profile collected during 
the first test run using the temperature set points for ambient pressure.  After 38 minutes, 
the system was pressurized.  One can see while the pressure started to build up, the three 
vaporizers’ exit temperatures immediately dropped off thus drawing the super heater exit 
temperature down. This temperature drop off inside the vaporizer might be due to the 
differential pressure between the inlet and outlet of the micro pump squeezing large 
amounts of liquid premix into the system. It might also result from the pressure effect on 
the fluid’s thermal properties such as changing the latent heat of vaporization and 
increasing the boiling point temperature. Because a needle valve connected at the sweep 
tube of the membrane reactor serves as a flow control valve, an uncertain flow rate might 
have caused the temperature drop as well.  
 
By raising the temperature set point and increasing the heat flux into the system in the 
following test run, the fuel temperature before entering into the catalyst bed can be 
stabilized above 250˚C as shown in Figure .  The pure hydrogen sample coming out from 
the reactor was analyzed using the gas chromatograph (GC) system in the laboratory 
before using the gas in the PEM fuel cell as the clean up system reached its stable and 
optimum function.  
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Figure 144: Temperature Profile of Reactor B with High Pressure using new Set Points  
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Autothermal Catalyst Degradation due to Startup and Shutdown 
 
An autothermal catalyst degradation test composed of 30 separate cold start-up and full 
shut-down cycles was completed using coal-derived methanol.  The total reformer 
operation was 100 hours.  In this study, fuel lean start-up and shut-down process have 
been chosen due to the higher temperatures experienced during start-up and shut-down.  
This corresponds to a worst case scenario for catalyst degradation due to thermal stresses.  
For each experiment, much attention was paid to have uniform independent conditions 
such as O2/C, S/C and inlet temperature during the degradation test. In this study, 0.27 
O2/C and 1.5 S/C were used. The reactor was preheated to 250oC before the experiment 
started, and the reactor heaters were turned off after catalyst light-off.  Air inlet and 
premix fuel temperatures were maintained at a constant 250oC.  The methods of fuel 
conversion as well as the method of observing changes in reformate concentration and 
zone temperatures will be used as indicators of autothermal catalyst degradation.    
 
Conversion used as Degradation Indicator 
 
Figure  displays the conversion change during the 100 hour degradation test.  Conversion 
remained at 100.00% during the 100 hours.  However, this conversion analysis might not 
be sufficient to properly explain the degradation phenomena.  Autothermal catalyst 
degradation can be potentially masked by the oxidation of fuel.  The method of using fuel 
conversion to indicate catalyst degradation might be an inappropriate metric to determine 
autothermal catalyst degradation because of high operating temperatures experienced 
during reformation, which depends largely on oxygen to carbon ratio.  Thus, the 
combustion process could lead to complete conversion in spite of degradation.   
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Figure 145: Percent Conversion of Coal-Derived Methanol to Hydrogen
 
 
 
Change in Reformate Concentration and Zone Temperatures used as Degradation 
Indicator 
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To quantify the degradation phenomena during autothermal degradation, the temperature 
change inside the reactor should be investigated.  If the catalyst loses activity, heat 
generation by means of fuel combustion and heat consumption by means of hydrogen 
production should decrease to some extent.  This should lead to a change in the steady 
state temperature inside the catalyst and perhaps the catalyst’s selectivity to hydrogen.  
Figure , Figure  and Figure  present the recorded temperatures at different locations inside 
the catalyst during the start-up process.  The top surface catalyst temperature was slightly 
more unstable when compared with middle and bottom surface catalyst temperatures.  
The top surface of the catalyst was the combustion region, which introduces greater 
uncertainty in temperature due to slight differences in radiation, convection and 
conduction losses.  However, the middle and bottom catalyst surface temperatures during 
start-up have not shown significant change during the 100 hour degradation test.  After 
one minute, the catalyst continues to reach the steady state temperatures.  
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Figure 146: Top Surface Catalyst Temperature Change during Start-up 
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Figure 147: Middle Zone of Catalyst Temperature Change during Start-up 
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Figure 148: Bottom Surface Catalyst Surface Temperature Change during Start-up 
 
The shut-down process can lead to catalyst degradation because of increased thermal 
stress on the catalyst surface.  In this study, fuel lean shut-down process has been adapted 
during the degradation test.  The air flow rate was maintained to purge out the remaining 
reformate inside the reactor.  Figure , Figure  and Figure  show catalyst surface 
temperature at different locations. Only the top surface catalyst temperature significantly 
changes during the shut-down process and gradually decreases.  The middle and bottom 
catalyst surface temperatures do not change significantly as compared to top surface 
temperature as shown in Figure  and Figure .  These results show the main region where 
methanol oxidation occurs was the top surface catalyst, therefore the top surface can 
potentially degrade on account of substantial thermal stress caused by abruptly increasing 
temperature.  
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Figure 149: Top Surface Catalyst Temperature Change during Shut-Down 
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Figure 150: Middle Catalyst Surface Temperature Change during Shut-Down 
300
350
400
450
500
550
600
0 0.2 0.4 0.6 0.8 1 1.2 1.4 1.6 1.8 2
Time, Min
Te
m
p,
 C
14 Hour
23 Hour
30 Hour
35 Hour
39 Hour
44 Hour
48 Hour
56 Hour
60 Hour
65 Hour
71 Hour
80 Hour
90 Hour
100 Hour
 
Figure 151: Bottom Catalyst Surface Temperature Change during Shut-Down 
 
Figure 152 displays the average temperature at different zones during steady state.  The 
high temperatures above and below the catalyst indicate primarily convective and 
radiation heat losses from the catalyst resulting in the greatest steady state temperatures 
occurring in the core of the catalyst, rather than the top or bottom of the catalyst.  As 
shown in Figure 152, the average temperature does not change significantly over the 100 
hours degradation test. Only the top surface catalyst temperature slightly decreased after 
80 hours.  
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Figure 152: Averaged Temperature Change at Different Zones during Steady State 
 
Figure  to Figure  present the average reformate dry gas concentration.  Previous studies 
indicate that change in hydrocarbon concentration can be good evidence of catalyst 
degradation with coal-derived methanol.  If catalyst degradation occurs, the conversion of 
the hydrocarbon to hydrogen and/or the hydrocarbon oxidation with air would decrease, 
resulting in greater hydrocarbon concentrations.  In this degradation experiment, 
hydrocarbon concentration does not significantly change during the100 hour test with 30 
separate start-up and shut-down cycles.  
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Figure 154: Averaged Hydrocarbon Concentration during Steady State 
 
Change in CO2 and CO concentrations could be good indications of catalyst degradation 
because catalyst degradation might increase the possibility of incomplete combustion 
which can increase CO concentration and decrease CO2 concentration.  A degraded 
reforming reaction rate for hydrogen production can simultaneously affect both the CO2 
and CO concentrations. As shown in Figure  and Figure , CO2 and CO concentrations do 
not change significantly for the 100 hour test. 
 150 
15
16
17
18
19
20
21
0 10 20 30 40 50 60 70 80 90 100
Time,Hours
C
O
2 
C
on
ce
nt
ra
tio
n
 
Figure 155: Average Carbon Dioxide Concentration during Steady State 
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Figure 156: Average Carbon Monoxide Concentration during Steady State 
 
Hydrogen concentration change can also indicate autothermal reformer catalyst 
degradation. As shown in Figure , hydrogen concentration does not change during the 
100 hour degradation test with 30 start-up and shut-down cycles.  
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Figure 157: Average Hydrogen Concentration during Steady State 
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 Autothermal Catalyst Degradation due to Start-up and Shutdown methods 
 
An autothermal catalyst degradation test composed of 13 separate cold start-up and full 
shutdown cycles was completed using coal-derived methanol.  In the case of fuel lean 
start-up, premix vapor (~250ºC) flows into the reactor one minute after hot air (~250ºC) 
was introduced so fuel can be oxidized in an air rich environment.  On the other hand, in 
the case of fuel rich start-up, air was introduced into the reactor one minute after vapor 
premix fuel enters the reactor so oxidation takes place in a fuel rich environment.  During 
the start-up and shutdown processes, catalyst surface temperature suddenly increases and 
decreases, which can potentially result in catalyst degradation due to thermal stress on the 
catalyst.   
 
As shown in Figure 158, the top catalyst surface temperature during both fuel rich and 
lean start-up are nearly equivalent, except for the amount of heat generated by means of 
methanol oxidation. Hence, the transient time for the fuel lean start-up process was less 
than the fuel rich start-up process, as shown in Figure 159.  
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Figure 158: Temperature Profile for Fuel Lean and Rich Start-up in Case of 0.25” Catalyst during 
Start-up 
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Figure 159: Dry Reformate Gas Concentration for Fuel Lean and Rich Start-up in Case of 0.25” 
Catalyst 
 
As shown in Figure 160, the top surface catalyst temperature suddenly increased for the 
fuel lean shutdown cycle.  By contrast, the top surface catalyst temperature decreased in 
case of the fuel rich shutdown cycle due to the endothermic reaction present.  Based on 
the different start-up and shutdown cycles, the top surface could be the primary region 
catalyst degradation can initially take place. 
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Figure 160: Temperature Profile for Fuel Lean and Rich Start-up in case of 0.25” Catalyst during 
Shutdown 
 
Figure 161 represents the methanol conversion for both fuel rich and lean start-up and 
shutdown cycles.  The shown conversions were measured during steady state with a 
single 0.635 cm (0.25”) section of catalyst.  The fuel lean catalytic oxidation was shown 
to have a degradation rate greater than fuel rich catalytic combustion. Consequently, the 
major factor of catalyst degradation during start-up and shutdown cycles is sintering.  
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Figure 161: Methanol Conversion after Fuel Rich and Lean Start-up for 24 Hours using 0.25” 
catalyst 
 
These results show that simple manipulations in equivalence ratio can extend catalyst 
life.  Any preventable degradation would be useful without changing any physical 
element of the setup is very useful.  Further research could include looking into when fuel 
lean start-up and shutdown would be beneficial, or a lean start-up and rich shutdown 
would be a preferred method.   
 
High Pressure Reformation System 
 
To investigate the effects various system pressures and flow rates have on fuel 
conversion, it is inefficient and inaccurate to use a micro gear pump as a premix flow 
driver under a high pressure system.  To have a reliable liquid pump in a high pressurized 
environment, a solenoid diaphragm derived metering pump was purchased to replace the 
gear pump as the liquid driver.  The metering pump has the ability to drive the feeding 
liquid at a constant flow rate from atmospheric pressure to a pressurized pipeline at 200 
psi.  By using this pump, the flow rate (LHSV-M) can be maintained at a stable value in a 
pressurized environment.  
 
Figure 162 shows the vaporizer temperature profile history when using a micro gear 
pump.  The temperature fluctuations are obviously caused by the unstable flow rate.  
After replacing the solenoid diaphragm pump, the temperature fluctuations decreased to 
the stable condition shown in Figure 163.     
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Figure 162: Premix Derived by Micro Gear Pump. 
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Figure 163: Premix Derived by Solenoid Diaphragm Pump. 
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Reformate Purification System 
 
A hydrogen separation system was necessary to separate the hydrogen from the reformate 
exiting the reformer, since PEM fuel cells require high quality hydrogen for fuel.  Typical 
hydrogen separation processes for hydrogen production includes water-gas-shift reaction, 
pressure swing absorption, and palladium membrane reaction.  A palladium membrane 
was purchased and has been integrated into a hydrogen separation system to produce 
99.95% pure hydrogen reformed from coal derived methanol.  Initial testing using the 
palladium membrane has been completed.  The purity of the output gas was determined 
using a gas chromatograph.     
 
Raw gas chromatographic (GC) analyses of the purified reformate was compared to 
hydrogen gas produced by electrolyzing pure water to determine the purity of the 
hydrogen from methanol reformation.  Figure 164 to Figure  show the results of the 
thermo conductivity detector (TCD) and helium ionized detector (HID) tests after seven a 
seven minute analysis.  The GC analysis was a preliminary test and the data has not been 
calibrated yet, therefore the specific components’ peak position and concentration can not 
be confirmed at this time.  Using the species’ physical properties, it is possible to 
determine a species relative peak position.  In the TCD analyses of Figure 164 and Figure 
, the first downward peak is expected to be the hydrogen, followed with oxygen and 
nitrogen gases (two peaks in one base).  The appearance of the oxygen and nitrogen 
peaks might be due to residual air in the pipeline when the test samples were connected to 
the GC.  After the nitrogen peak, the methane and other carbon oxides impurities peaks 
are shown as red circles in Figure 164 and Figure .  The TCD test using hydrogen from 
electrolysis, Figure , shows relatively smaller peaks than the purified reformate.  As in 
Figure 164, the methane and other small impurity peaks in Figure  may be due to the 
residual air left in the pipe line when switching the samples. 
 
 
Figure 164: Purified Reformate by TCD. 
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Figure 165: Hydrogen from Electrolysis by TCD 
 
In the HID analysis of Figure  and Figure , the results shows satisfactory hydrogen 
reformate purity when compared to the hydrogen produced from electrolyzing water.  
Only one extra impurity peak was detected in the HID analyses, which is possibly the CO 
or CO2 species according to its relative peak location.  
 
 
Figure 166: Purified reformate by HID 
 
 
Figure 167: Electrolyzed hydrogen by HID 
From these raw GC analyses, the palladium membrane system showed an acceptable 
purifying ability when compared to the hydrogen generated from electrolyzing water.  
The system is currently ready for testing with the Nexa fuel cell.   
 
 
 157 
Initial Fuel Cell Testing 
 
Before integrating with the palladium membrane hydrogen separation system, a 
polarization curve has been taken to ensure the fuel cell was working properly, and to 
become familiar with the fuel cell system.  The fuel cell was unused for several months, 
so a rejuvenation cycle was performed for 10 minutes to purge the fuel cell stack of 
possible impurities before taking data. The Bitrode was programmed to provide constant 
ten second loads at 0-50 Amps in 5 Amp increments.  Fuel cell output power, voltage, 
current, and stack temperature can be monitored and recorded through the data 
acquisition system.   
 
The polarization curve for the 1.2 kW Nexa fuel cell is shown in Figure .  The fuel cell 
has limited performance at high power output and was not able to complete the full 
polarization curve.  The maximum fuel cell power attained during the initial test was 900 
W.  The Activation and Ohmic Losses regions are present in the figure.  The fuel cell 
shut down before the Mass Transport Losses could be seen.  An idealized polarization 
curve is shown in Figure  for comparison.  The limited power of the fuel cell is not an 
issue for this research.  Currently the system is limited by the 1 SLPM hydrogen flow rate 
from the Palladium Membrane.  The pure hydrogen from the coal-derived methanol will 
have to be stored to obtain an adequate supply before fuel cell operation.  The fuel cell 
can use up to 18 SLPM at maximum power.     
 
Before integrating the palladium membrane system with the Nexa fuel cell, a 99.95 % 
pure hydrogen concentration from coal-derived methanol was confirmed to prevent 
poisoning of the fuel cell stack.  Hydrogen from both steam and autothermal reforming of 
coal-derived methanol was used for testing the fully integrated fuel cell system.         
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Figure 168: Polarization Curve from 1.2 KW Nexa Fuel Cell Stack 
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Figure 169: Expected Nexa Polarization Curve 
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Gas Chromatography of Reformate Via Steam Reforming 
 
Purified hydrogen from coal derived methanol and chemical grade methanol was fed to 
gas chromatography (GC) equipment for hydrocarbon impurity analysis with a thermo-
conductivity detector and Helium-ionized detector.  Also, industrial H2 with 99.99% 
purity was analyzed and established as the baseline test for the two samples.  For 
industrial H2 and chemical grade MeOH, the GC operating time was 7.20 minutes.  For 
coal derived MeOH, the operating time was 17.05 minutes.   
 
Figure 170 are HID analysis graphs of industrial H2, chemical grade MeOH (CGM), and 
coal derived MeOH (CBM) respectively.  The split of the first wide peak was due to an 
extreme high concentration of hydrogen.  With a y-axis magnitude range of –80 to 800 
mV, the comparison of the three HID analysis cases show only hydrogen specie existing 
in the sample and the results are similar. 
 
 
 
Figure 170: Industrial H2 HID Analysis after 7.20 Minutes 
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Figure 171: CGM H2 HID Analysis after 7.20 Minutes 
 
 
Figure 172: CBM H2 HID Analysis after 17.05 Minutes 
 
Figure  are the TCD analysis of the three samples.  The y-axis range is –1.25 to 12.5 mV.  
Under this resolution, TCD analysis shows an impurity is present in all the samples, 
except the pure hydrogen reference case.  More research is underway to determine the 
concentration, and identity of the impurity.       
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Figure 173: Industrial H2 TCD Analysis after 7.20 Minutes 
 
 
Figure 174: CGM H2 TCD Analysis after 7.20 Minutes 
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Figure 175: CBM H2 TCD Analysis after 7.20 Minutes 
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Gas Chromatography of Reformate Via Autothermal Reforming 
 
To perform hydrogen separation using a palladium membrane, high operating 
temperature and pressure are required.  The palladium membrane required periodic 
regeneration to remove carbonaceous compounds, especially when hydrocarbon gases 
flow through the retentate side of the membrane.  The regeneration was performed with 
air and small amounts of hydrogen at approximately 500oC.  Afterwards, the palladium 
membrane separation unit was checked for leaks using gaseous nitrogen at 350oC and 50 
psi.  Blank runs of gas chromatography took place to ensure gaseous compounds were 
not present in the columns.  
 
When attempting to pressurize the system to 200 psi during autothermal reformation, 
difficulties with the air mass flow controllers arose.  The mass flow controllers are used 
to control the mass flow rate of air.  The maximum stable pressure attainable with the 
current setup was 70 psi during autothermal reformation.  Although 70 psi is far below 
the ideal 200 psi desired for the palladium membrane, it was confirmed that a palladium 
membrane could be used to produce high purity hydrogen from the reformate produced 
during autothermal reforming of coal-derived methanol at a pressure of 70 psi.  In 
literature, increasing both temperature and pressure increases the permeation of only 
hydrogen through the membrane and suppresses the permeation of nitrogen and methane 
as well.  Nitrogen and methane permeation for the palladium membrane decreased 
approximately 90% and 72% respectively as both membrane temperature and differential 
pressure increased from 300oC to 400oC and from 50 psi to 70 psi.  The results are shown 
in Figure  and 177.  Carbon monoxide, a poison to PEM fuel cells, could not be found.   
 
 
 
Figure 176: Gas Chromatography for the Permeated Gases from Palladium Membrane at 50 psi and 
300 oC 
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Figure 177: Gas Chromatography for the Permeated Gases from Palladium Membrane at 70 psi and 
400 oC     
 
Fuel Cell Testing with Reformate Via Steam Reforming 
 
Figure  shows the polarization curve of the NEXA PEM fuel cell using the three 
hydrogen sources, industrial hydrogen, reformed from chemical grade (CGM) and coal-
derived (CBM) methanol.  Each curve in the chart represents the average of three data 
sets.  The industrial hydrogen was tested three times and each resulting average is plotted 
in the figure.  Each data set is composed of seven increasing net power-draws from the 
stack from no load to maximum load tested.  The seven power-draws were caused by 
incrementally increasing the load bank power-draw from Level Zero (30W output power 
from the stack) to Level Six (around 670W to 740W net power depending on test 
configurations).  Limited by the hydrogen capacity in the tank, only seven power-draw 
increments were used in each data set to get a total net power between 670 and 740 W.  
The error bar shown in the figure is one standard deviation of the three data sets at each 
power-draw state.   
 
The chart shows that the averages of the three industrial H2 tests have a higher curve than 
CGM curve and CDM curve, which might be caused by the different hydrogen supply 
pressures to the fuel cell.  During testing, the industrial hydrogen was maintained at a 
constant fuel purging pressure, but during the CDM and CGM tests, the fuel purging 
pressure at the tank decreased rapidly as the tank emptied and thus affected the fuel cell’s 
performance as shown in the polarization curve.  When comparing the CGM and CDM 
polarization curves, these two different hydrogen feedstock sources have similar 
performances in the PEMFC and have no significant differences. 
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Figure 178: Polarization Curve of Fuel Cell Performance using Industrial Hydrogen, CGM and 
CBM Hydrogen 
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CONCLUSION 
 
Internal and external evaluations of coal-derived and fuel cell grade methanol were 
completed.  The two methanols are quite similar in sulfur, and chloride levels with a 
small but significant difference in trace level higher hydrocarbons.  The coal based 
methanol has approximately 3 times the amount of petroleum hydrocarbons than the fuel 
cell grade methanol. These trace amounts of hydrocarbons prove somewhat problematic 
with steam reforming but can be reformed without substantial degradation in autothermal 
methods. The magnitude of the fuel choice is much smaller than that of heat transfer 
limitations caused by flow pattern, geometry or temperature. 
 
Construction of three (3) steam reformers has taken place.  Each reformer has a different 
geometry in order to test the geometric dependencies of reformation.  Studies showing a 
strong dependence of fuel conversion on geometry have taken place. These reformer 
systems also were utilized for the studies of catalyst degradation and passive heat transfer 
enhancement.  The steam reformers have been used to generate hydrogen from the coal-
derived methanol supplied.   
 
Construction of the autothermal reformer (ATR) is completed.  Tests were performed 
with a catalytic converter grade catalyst to validate the test procedures and gave the 
research team valuable experience with analyzing both the data and control schemes.  
Start-up, operation and shut-down procedures have been tested and validated.    
Parameters of oxygen to carbon ratio have been investigated as well as reaction 
progression in the catalyst.  With the fuel cell grade methanol the autothermal reaction 
takes place quickly within the first fifteen percent (15%) of the catalyst bed. The ATR 
method appears very promising for reforming coal-derived methanol. 
 
Due to a careful evaluation of the steam reformer temperature profile it was determined 
that significant sheath conduction from the wall was biasing the temperature 
measurements close to the reactor wall.  A new thermocouple design utilizing a miniature 
sheath embedded into an external housing with insulating material was tested.  This new 
thermocouple design had more reliable results than the standard design for determining 
an accurate temperature profile. This new thermocouple design was implemented 
throughout the steam reforming reactors and also into the ATR reactor. 
 
Investigations into methods of enhancing the heat transfer characteristics were also 
performed.  Data has been collected showing enhancement of heat transfer and mass 
transfer by bluff bodies.  This data was analyzed and developed an empirical model of the 
enhancement process.  Several packing densities have been evaluated in steady state with 
the bluff bodies.  Results are very encouraging to the research team and show significant 
enhancement of conversion.   
 
Catalyst degradation in both steam reformation and autothermal reformation projects took 
place.  The catalyst degradation study has monitored conversion while operating in 
steady state for the two methanol fuels over several continuous 70 hour periods.  With 
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heat transfer minimized by using a specially designed steam reformer with an internal 
heater, the coal–derived methanol showed significantly faster catalyst degradation than 
the fuel cell grade methanol.  The research team has shown that the increased degradation 
is due to the higher levels of trace hydrocarbons.   
 
From the conversion data it does not appear that the addition of acoustics had a 
significant effect on the transient response of steam reformation. However, the 
information presented shows that improvement in heat transfer is evident and that a 
restriction by the control program was the limiting factor restricting the amount of heat 
supplied to the reformer. The coal-derived methanol had a similar transient response to 
that of the chemical grade methanol, and the overall conversion of both fuels was 
increased by the addition of the acoustics as expected. 
 
Data investigating the role of temperature in catalyst deactivation has been collected.  
There is a narrow temperature band where catalyst deactivation is slowest. Below the 
optimal temperature range, deactivation occurs due to fouling caused by accumulation of 
carbon compounds on the catalyst surface. Above the optimal temperature range, 
deactivation is much greater due to rapid sintering. This reinforces the idea that 
minimizing temperature gradients within the reactor can be as important to the steam 
reformation process as fuel purity, if not more so.  Reactor geometry was investigated as 
a possible means to improve heat transfer.  From the analysis, the addition of an internal 
cartridge heater improved methanol conversion and decreased catalyst degradation. When 
LHSV-M increased, the cold region along the centerline due to the endothermic 
processes increased in length.  
 
Analysis of catalyst degradation with bluff bodies was completed.  The data showed that 
the degradation rate of Reactor B loaded with eight bluff body packages was 6.6 times 
larger than the degradation rates of Reactor C with chemical grade methanol.  The 
degradation rate of Reactor B (8C) using coal-derived methanol was 1.2 times greater 
than Reactor B (8C) using chemical grade methanol.  Again the reactor geometry was 
demonstrated to outweigh the fuel option effects on catalyst degradation. In contrast, the 
fuel option had a larger effect on the degradation rate (1.22 times lager) of Reactor B 
(8C) than that of bluff bodies (1.002 times larger) on Reactor B.  The bluff bodies are 
able to increase the conversion rate of methanol and at the same time have limited effect 
on the catalyst degradation rate.  The use of bluff bodies in a reactor could compensate 
for the noted decrease in methanol conversion of coal-based methanol as compared to 
chemical grade methanol.      
 
An optimization study of bluff body design took place.  A smaller inner diameter ring 
guides the hotter bulk stream back to the narrower vent at centerline. A smaller I.D. ring 
and larger disk also drive the stream passing path length, effectively increasing the 
catalyst reactive region.  The results show that a 99% fuel conversion rate can be 
maintained when fuel flow rate is increased from 1.0 to 2.0 LHSV-M.  This value 
represented a significant increase in hydrogen yield (hydrogen generating capacity) 
comparing to the experiments without bluff body packages.  An observed 67% increase 
over the original run (BB5) was found by simply changing the diameters of the rings and 
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disks. On the contrary, BB1 with a larger I.D. ring and smaller disk noted decreased 
performance in fuel conversion than BB5.  This effect occurred because the disturbance 
in flow path was less, therefore mixing and heat transfer was decreased.    
 
Since steam reformation of methanol is endothermic by nature, heat transfer enhancement 
becomes vital to overcome the large temperature gradients found in the reactor.  Previous 
research has proven that reactor geometry has a greater affect on fuel conversion than 
fuel type.  The results of Reactor A and C (internal cartridge heater) with crushed 
catalyst, shown in Figure 32, show improvement in reactor heat transfer through 
geometry.  The use of bluff body packages used as passive flow mixing significantly 
improves fuel reformation, while a half turn twirl device has a minimal effect at the given 
flow rates. 
       
The results show that in steam reformation the powdered catalyst can increase the 
methanol conversion by almost 10 % over crushed catalyst, and 20% over pelletized 
catalyst at 4.0 LHSV-M.  The conversion rate can be 94% at 3.75 LHSV-M.  The 
pelletized catalyst case without bluff bodies had a 58% conversion at 4.0 LHSV-M.  The 
powdered catalyst with eight bluff body packets created a pressure drop up to 50 psi.  A 
high methanol conversion rate is possible with powder catalyst and eight bluff body 
packets while creating a large pressure drop.     
 
Autothermal reforming of coal-derived methanol has taken place with a low grade 
catalyst.  Initial findings showed that reactor performance was lower than fuel cell grade 
methanol.    Autothermal degradation tests show no degradation after 30 hours for both 
fuels. High grade catalyst testing has also been completed. Further tests with stabilized 
temperatures and high grade catalyst run for 100 hours show 100% conversion and no 
degradation for the coal derived fuel.  Autothermal reformation shows promise for 
extended use.  It was confirmed that autothermal reforming of coal-derived methanol is 
more proper than steam reforming of coal-derived methanol due to the higher operating 
temperature attained in autothermal reformation. Some of trace chemical compounds 
found in coal-derived methanol can react with oxygen and can be also volatized rather 
than deposit on the surface of the catalyst.  Consequently, no degradation was observed 
during the autothermal reforming degradation tests. 60 startup and shut down processes 
during a 100 hour degradation test were also performed.  The test held parameters of a 
0.27 O2/MeOH and lean fuel startup process to allow for a worst case scenario.  No 
degradation or change in yield were observed.  The results are also encouraging for those 
looking to use coal-derived methanol for fuel cell applications, because no noticeable 
degradation occurred for the coal-derived methanol. 
 
Initial testing of autothermal reformation using bluff bodies resulted in minimal increases 
in fuel conversion.  This is because at low O2/C ratio, the mixing process can limit fuel 
conversion under a low oxygen environment. When increasing the O2/C ratio, increased 
oxygen flow into the chamber compensates the poor mixing issue at low O2/C. Therefore 
the conversion difference between reformation with and without bluff body packages is 
small.  While at low oxygen to carbon ratio (O2/C = 0.2), not enough oxygen is available 
for mixing (without bluff body) forming a fuel rich state resulting in a lower oxidation 
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temperature. After introducing bluff body packages, the temperatures after position 3 
were largely increased. At high oxygen to carbon ratio (O2/C = 0.4), the temperature 
increase between experiments with and without bluff body flow disturbance is not 
obvious.  
 
In the ATR systems at an O2/MeOH ratio equal to 0.27 without inert material, radiation 
losses from catalyst surface and heat generation by fuel combustion is balanced so the 
oxygen to methanol ratio would have greater autothermal reformation efficiency than 
other O2/MeOH ratios. If the O2/MeOH ratio is increased, fuel consumption by 
combustion by the oxidation reaction increases and likewise heat generation via fuel 
oxidation increases. The results show that catalyst surface temperature without inert 
material is close to the catalyst surface temperature with inert material at O2/MeOH ratios 
equal to 0.27. Consequently, a 0.27 O2/MeOH ratio would be the optimal operating 
condition in the case without inert material. On the other hand, a 0.22 O2/MeOH ratio 
could be the optimized operating condition with inert material. The lower O2/MeOH ratio 
reduces the fuel consumed by the exothermic reaction, and increases the overall reaction 
efficiency.   
 
Fuel lean startup shows higher temperatures during transient warm-up time when 
compared with fuel rich start up.  The transient time of lean fuel start up was shorter than 
that of fuel rich startup. The results mean that fuel lean startup would be preferred over 
fuel rich startup in that deposited components on the surface of catalyst, such as carbon, 
can be burnt off during a fuel lean startup process.  Removing the deposits off the surface 
of the catalyst can improve catalyst activity, and reduce catalyst degradation.  The end 
result is that the degradation caused by deposits on the catalyst more typical of coal 
derived methanol can be potentially removed during a fuel lean startup procedure, or at 
least minimized.     
 
To evaluate autothermal catalyst degradation the start-up and shutdown cycles were 
analyzed.  The top catalyst surface temperature during both fuel rich and lean start-up are 
nearly equivalent, except for the amount of heat generated by means of methanol 
oxidation.  Hence, the transient time of fuel lean start-up process was less than the fuel 
rich start-up.  The top surface catalyst temperature suddenly increased for the fuel lean 
shutdown cycle.  By contrast, the top surface catalyst temperature decreased in case of 
the fuel rich shutdown cycle due to the endothermic reaction present.  Based on the 
different start-up and shutdown cycles, the top surface could be the primary region where 
catalyst degradation can initially take place.  When examining the steady state methanol 
conversion for both fuel cell rich and lean start-up and shutdown cycles, the fuel lean 
catalytic oxidation was shown to have a degradation rate greater than fuel rich catalytic 
combustion. These results were found using a single section of catalyst under harsh start 
up and shut down conditions. Consequently, it is believed that the major mechanism of 
catalyst degradation during ATR start-up and shutdown cycles is sintering. 
 
The reformate purification unit has been built, and tested.  The goal of the gas 
chromatography was to determine the purity of hydrogen being produced, and to 
determine if any hydrocarbons, or CO was passing through the membrane.  The PEM 
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membrane can be easily damaged due to impurities.  It was shown that coal derived 
methanol can be reformed into pure hydrogen.  An industrial hydrogen source was 
analyzed as the control sample to test the hydrogen output from the purifying subsystem 
for impurities.  The GC test results show that there is no significant difference between 
the supplied industrial hydrogen, and the hydrogen produced from chemical grade and 
coal-derived methanol.   
 
The NEXA PEM fuel cell was used in the study.  The fuel cell does not require any 
special control and as a result it is fairly easy to integrate.  We built a small load bank  
system that controls the amount of resistance or load through a series of switches. 
 
The fuel cell load bank system was completed and used for fuel cell testing.  The system 
worked well and provided a load up to 1.2 kW in 12 increments.  The system provided an 
instantaneous response, and the fuel cell could handle the power-draw increase steps.  
The system provided a relatively fast and inexpensive solution to providing a load to the 
fuel cell. 
 
Current PEM fuel cell technology shows that with pure hydrogen, a fuel cell will function 
properly and experience minimal degradation.  If pure hydrogen is produced with no 
impurities, then the hydrogen can be used on any PEM fuel cell, or other type of fuel cell 
using pure hydrogen.   
 
The ideal maximum hydrogen pressure attainable in the storage tank is 150 psi when 
reformate gas is at 200 psi.  In practice, when the collected hydrogen pressure approached 
100 psi, the positive hydrogen pressure gradient inside the tank gradually dropped due to 
the decrease in difference between hydrogen partial pressure in the gaseous reformate and 
pure hydrogen side across the membrane.  As the cylinder pressure increased, the 
cylinder pressure began to approach the partial pressure of hydrogen in the reformate side 
of the membrane, which decreases the hydrogen output flow rate from the palladium 
membrane.  A 20-hour hydrogen production time was required to reach a 110 psi gage 
pressure (827 kPa) inside the hydrogen storage tank.  The equivalent hydrogen mass of 
2.855x10-3 kg has an available energy of 342.6 kJ (LHV) when assuming a temperature 
of 25˚C inside the tank.  The small amount of collected hydrogen can sustain three data 
sets when testing the fuel cell.   The whole system is limited by the palladium membrane, 
and tank pressure.  A compressor could increase tank pressure, and increase storage, to 
allow for longer fuel cell testing.  The compressor could pressurize the hydrogen output 
at ambient conditions to a pressurized tank.  This configuration would allow the greatest 
pressure difference across the palladium membrane, which would maintain the greatest 
possible pure hydrogen flow rate. 
 
The polarization curve from testing a 1.2 kW PEMFC with hydrogen from chemical 
grade (CGM) and coal-based (CBM) methanol was obtained.  An industrial hydrogen 
source was analyzed as a control for comparison to hydrogen from CGM and CBM.  
When comparing the CGM and CDM polarization curves, these two different hydrogen 
feedstock sources have similar performances in PEMFC and have no significant 
differences.  The GC test results show that there is no significant difference between the 
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supplied industrial hydrogen, and the hydrogen produced from chemical grade and coal-
derived methanol.  This result is encouraging for those looking to use coal-derived 
methanol as a feed stock for hydrogen production for use in fuel cells.  As no apparent 
difference between the three hydrogen samples exists, the hydrogen produced from coal-
derived methanol could be used interchangeably with hydrogen used for PEM fuel cells. 
 
Many publications and presentations have been made regarding the research performed.  
 
Overall the objectives of this project were obtained.  A coal to hydrogen pathway through 
methanol has been proven for PEM fuel cell operation and many nuances of the 
reformation and purification systems were discovered.  This project has allowed 
fundamental progress of the knowledge based required for future hydrogen energy 
systems.   
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